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A B S T R A C T

The carbonate looping (CaL) process is an efficient post-combustion carbon capture technology to reduce the
amount of CO2 released by fossil fuelled power and industrial plants. This work presents the results gained in
long-term pilot tests performed in a 1 MWth CaL pilot plant at Technische Universität Darmstadt. The experi-
mental data were obtained from continuous operation under realistic CaL process conditions, i.e. coal originated
flue gas from a coal fired furnace to be decarbonized in the carbonator and oxy-fuel conditions in the calciner.
Steady-state conditions, achieved while parameters were not changed during periods up to 60 h, delivered re-
liable experimental data to scale up the CaL process to industrial size. The feasibility of the CaL process in semi-
industrial size was proven by steady-state CO2 absorption for more than 1200 h with absorption rates in the
carbonator higher than 90% and overall capture rates higher than 95% under a wide range of operating para-
meters, e.g. type of fuel, flue gas composition or reactor temperatures. Exemplary operation to achieve steady-
state conditions is presented to show the evolution of the carbonator absorption efficiency and solid properties,
such as conversion from CaO to CaCO3 by carbonation and to CaSO4 by sulphation. The carbonator performance
was assessed by reasonably closing the carbon balances and applying the active space time as a key parameter to
interpret the trends observed.

1. Introduction

Carbonate looping or calcium looping (CaL) is an efficient post-
combustion CO2 capture technology using limestone based sorbents,
and which was initially proposed by Shimizu et al. [1]. CaL is parti-
cularly suited for retrofitting existing power plants. As shown in Fig. 1,
the CO2 contained in the flue gas from an emission source, e.g. an
upstream power plant, is absorbed by calcium oxide (CaO) in the car-
bonator in an exothermic reaction at around 650 °C forming calcium
carbonate (CaCO3) according to Eq. (1).

+ ↔ + −CaO CO CaCO 178.2 kJmol(s) 2(g) 3(s)
1 (1)

The CaCO3 is transferred to the calciner. By increasing the tem-
perature up to around 900 °C, the CO2, bound in the solid phase, is
released in the endothermic backward reaction according to Eq. (1). A
gas stream of highly concentrated CO2 leaves the calciner, while the
CaO is returned to the carbonator. In the basic concept, i.e. the directly
heated or oxy-fired CaL process, the heat for the endothermic calcina-
tion reaction is provided by oxy-fuel combustion of fuel (e.g. coal) with
oxygen from an air separation unit (ASU). Various concepts of opti-
mized CaL processes have been proposed utilizing indirect heat transfer

from a combustor to the calciner [2–4]. A very promising approach for
the indirectly heated CaL process (IHCaL) heat pipes has recently been
tested [5].

The CaL technology promises substantial abatement in energy
penalty [6–8] and costs [9–11] compared to other CO2 capture tech-
nologies, e.g. amine scrubbing (post-combustion), integrated gasifica-
tion combined cycle (pre-combustion) or oxy-fuel combustion. CaL is
the only CO2 post-combustion technology offering additional power
generation from the additional heat input required for the sorbent re-
generation since the calciner adds an oxy-fired new power plant system
to the existing upstream plant. Both carbonation and calcination reac-
tions run at very high temperatures allowing a highly efficient heat
recovery from different sources offered by the CaL process.

The oxy-fired CaL process passed through a rapid development of
the Technology Readiness Level (TRL) [12] from concept (TRL2) to
demonstration at industrially relevant environment (TRL6) [13]. A
system consisting of two interconnected circulating fluidized bed (CFB)
reactors, a carbonator and a calciner, is the most developed CaL con-
figuration. Synergies between CaL and existing CFB reactor systems at
industrial scale promoted the rapid development of this technology
during the last decade. Several research groups worldwide
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demonstrated the feasibility of the CaL process. Various pilot plants in
sufficient scale and with different reactor configuration and capacities
were built and operated, e.g. the 0.2 MWth pilot in Stuttgart [14], the
1 MWth pilot in Darmstadt [15], the 1.7 MWth pilot in La Pereda [16] or
the 1.9 MWth pilot in Taiwan [17].

As indicated before, the development of the CaL technology
achieved a great progress confirming the feasibility of the technology.
Nevertheless, a challenge of the CaL technology is a decreasing re-
activity with increasing number of cycles of carbonation and calcina-
tion [18]. To diminish this effect, a continuous feed of limestone as
make-up is required in order to maintain a certain capacity of the
sorbent to absorb CO2 [19]. Consequently, a realistic assessment of
sorbent performance can only be provided by a homogeneous mixing of
existing and continuous make-up feed. Therefore, extensive long-term
operating is required to achieve steady conditions of the sorbent phase.

In addition, the carbonation/calcination reaction is dependent on
the CO2 partial pressure. The oxy-fuel combustion in the calciner im-
plies calcination conditions under high CO2 concentrations and the
presence of water vapour. Various investigations [20–22] pointed out
that CO2 partial pressure and water vapour significantly influence the
calcination of the sorbent. Realistic operating conditions can only be
achieved by recirculating flue gas instead of mixing artificial calciner
primary gas consisting of O2 and CO2.

To overcome the uncertainties of previous pilot tests as a basis for
scale-up scenarios, the long-term operation under realistic process
conditions, e.g. homogeneous mixing of inventory and make as well as
oxy-calcination under flue gas recirculation, is required to obtain the
confidence about the performance of the CaL technology. Therefore,

extensive pilot tests in an upgraded pilot plant at Technische
Universität Darmstadt were performed to take the next step towards
maturity of the technology addressing the challenges mentioned before.
The achievement of steady-state operation has recently been shown by
Helbig et al. [23]. This approach guarantees a solid ground for the
scale-up of a 20 MWth pilot plant designed and engineered applying the
experimental data from long-term pilot tests.

This paper contributes to the progress in the development of the CaL
post-combustion CO2 capture technology. The results obtained from
long-term pilot testing in the CaL pilot plant at Technische Universität
Darmstadt are presented focusing on the closure of the carbon balance
during continuous pilot operation taking into account two out of four
test campaigns. Thereby, different types of fuels as well as fuel with
various particle size distributions were fired in the calciner. A model-
ling approach successfully applied in small scale experiments [24–26] is
used to interpret the experimental results.

2. Experimental

2.1. Pilot plant setup

A semi-industrial scale CaL pilot plant consisting of two inter-
connected CFB reactors and a combustion chamber with a thermal
capacity of 1 MWth each is located at Technische Universität Darmstadt.
In previous tests [15,27], the main focus was proof of operation in
1 MWth scale. Therefore, CaL tests were accomplished decarbonizing
synthetic flue gas, a mixture of air and CO2. The calciner was operated
with oxygen enriched air in these tests not representing realistic oper-
ating conditions in terms of calcination. As a consequence from these
results, the pilot plant was upgraded to operate with coal originated
flue gas from the furnace and oxy-combustion in the calciner.

The scheme of upgraded 1 MWth CaL pilot plant is shown in Fig. 2.
The CaL reactor systems consists of a carbonator with an inner diameter
of 0.6 m and a height of 8.6 m. The dimensions of the calciner are 0.4 m
and 11 m, respectively. Both reactor loops include high efficiency cy-
clones separating the particles from the decarbonized flue gas and CO2

rich stream leaving the carbonator and the calciner, respectively. The
separated solids fall down in loop seals where a part is internally re-
circulated or transferred to the other reactor (from carbonator to cal-
ciner and vice versa). Both reactors are equipped with all conventional

Nomenclature

d50 median particle diameter (μm)
dX dt( / )carb carbonation reaction rate (1/s)

Ecarb carbonator absorption efficiency (%)
Ecarb,eq maximum carbonator absorption efficiency at

equilibrium conditions (%)
F0 molar make-up flow (mol/m2s)
factive active particle fraction of carbonator inventory (−)
FCO2,carb,in molar flow of CO2 entering the carbonator (mol/m2s)
FCO2,carb,out molar flow of CO2 leaving the carbonator (mol/m2s)
Gs solid circulation flow between reactors (kg/m2s)
ks reaction rate constant (1/s)
LR sorbent looping ratio (molCa/molCO2)
MCa weighted molar weight of Ca particles (g/mol)
MR make-up ratio (mol /mol )Ca CO2
nCa,carb Ca inventory in carbonator (mol/m2)
nCa,carb,active active Ca inventory in carbonator (mol/m2)
t* time required to increase the carbonate content from

Xcalc to Xave (s)
Tcalc average calciner temperature (°C)
Tcarb average carbonator temperature (°C)
Tcarb average carbonator temperature (°C)

Ws,carb total carbonator inventory (kg/m2)
Xave average CO2 carrying capacity (mol /mol )CaCO3 Ca

Xcalc molar carbonate content of sorbent leaving the calciner
(mol /mol )CaCO3 Ca

Xcarb molar carbonate content of sorbent leaving the carbonator
(mol /mol )CaCO3 Ca

Xsulphur molar sulphur content of the sorbent (mol /mol )S Ca
yCaO CaO mass fraction of the sorbent (wt.%)
yCaCO3 CaCO3 mass fraction of the sorbent (wt.%)
yCaSO4 CaSO4 mass fraction of the sorbent (wt.%)
yash ash mass fraction of the sorbent (wt.%)
νCO2,calc,in inlet calciner volumetric CO2 fraction (vol.%)
νCO2,carb average carbonator volumetric CO2 fraction (vol.%)
νCO2,carb,eq equilibrium carbonator volumetric CO2 fraction (vol.

%)
νCO2,carb,in inlet carbonator volumetric CO2 fraction (vol.%)
νCO2,carb,out outlet carbonator volumetric CO2 fraction (vol.%)
νCO2,eq equilibrium volumetric CO2 fraction (vol.%)
νH2O,calc,in inlet calciner volumetric H2O fraction (vol.%)
νO2,calc,in inlet calciner volumetric O2 fraction (vol.%)
τactive active space time (s)
φ gas–solid contacting effectivity factor (−)
φks apparent carbonation rate constant (1/s)

Fig. 1. Principle of the carbonate looping process.
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components of industrial CFB systems, i.e. refractory lining, start-up
burners fired by propane, two-pass heat exchangers to cool down the
off-gases, bag filters to remove entrained solid particles, water-cooled
screw conveyors to extract solids. Additionally, the carbonator is
equipped with five axially arranged internal cooling tubes. The cooling
tubes allow the extraction of released heat in the exothermic carbona-
tion reaction to operate at various reactor temperatures. The carbonator
flue gas is provided by the combustion chamber and is fed to the reactor
with a fan. Sorbent is continuously fed as make-up to the carbonator by
a gravimetric dosing system. The calciner is operable under air and oxy-
fuel combustion conditions. Coal is continuously fed by a gravimetric
coal dosing system either in the return leg or in the bottom of the
calciner. Different types of coal, i.e. hard coal or lignite, in various
particle size fractions from pulverized to coarse, can be fed to the
system. For start-up, air combustion is used to heat up the reactor. Oxy-
firing is applied in regular CaL operation. Therefore, liquefied oxygen
provided by a tank storage is diluted with recirculated flue gas, coming
from the cyclone after cooling and filtration. The solid mass flow from
carbonator to calciner is controlled by a screw conveyor. The solid mass
flow vice versa is balanced by the entrainment in the calciner reactor,
controlled by the fluidization velocity. The calciner reactor was oper-
ated in once through without internal recirculation.

The plant setup is equipped with comprehensive instrumentation.
Temperature, pressure, flow and continuous online gas measurements are
installed at all relevant spots. Ports in the reactors provide the possibility
to conduct in-bed measurements of flow patterns, i.e. particle concentra-
tion and velocity, and gas concentrations at various heights. In addition,
sampling ports allow to extract material from the loop seals and reactors as
well as from the heat exchangers and filters. The solid samples extracted
are subsequently analyzed in terms of chemical composition, CO2 carrying
capacity and particle size distribution (PSD) by X-ray fluorescence (XRF),
thermogravimetric analysis (TGA), a small batch fluidized bed reactor and
an air jet sieve.

The present work focuses on the evaluation of the results from long-term

pilot testing, i.e. periods of at least 20 h up to 60 h in steady operation. The
reliable assessment of CaL sorbent performance demands for steady-state
process operation, i.e. stable conditions of gas and sorbent phase. Particular
focus during operation was set on achieving representative operation. To
assure steady-state operation, the mean residence time of the sorbent was
taken into account to estimate the required period to reach steady-state
conditions in the solid phase. Three times the residence time of the sorbent
in the system was utilized to ensure that at least 95% of the inventory is
exchanged by the make-up flow. A particular focus of the evaluation was set
on the carbonator reactor performance applying the methodology
experienced from small scale facilities [24–26]. In these tests, different fuel
types (see Table 1), hard coal and lignite, in different particle size
distributions, pulverized or coarse (d50 see Table 1), were fuelled in the
calciner. The main variables to be determined affecting the performance of
the carbonator reactor are as follows (see Fig. 3):

Fig. 2. Scheme of the 1 MWth CaL pilot plant.

Table 1
Composition of fuels (as received).

Component Hard coal Lignite Unit

Fixed carbon 48.52 40.60 wt.%
Volatiles 25.70 45.70 wt.%
Moisture 11.50 9.90 wt.%
Ash 14.28 3.80 wt.%

Carbon 63.60 59.90 wt.%
Hydrogen 3.66 4.76 wt.%
Sulphur 0.64 0.32 wt.%
Nitrogen 1.55 0.69 wt.%
Oxygen 4.77 20.63 wt.%

Lower heating value (LHV) 24.32 22.92 MJ/kg

Median particle diameter (d50) 45/1500 36 μm
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• The specific inventory of solids in the carbonator Ws,carb is con-
tinuously determined by the measurement of the reactor pressure
drop between the plane above the distributor and the exit of the
reactor. Based on the chemical composition of the inventory, the Ca-
based inventory can be determined (nCa,carb in Fig. 3).

• The carbonator reactor temperature is averaged by the measure-
ments along the reactor height since the bayonet cooling tubes
imply a certain axial temperature profile. The entering solids from
the calciner (850–940 °C) and the exothermic carbonation reaction
heat up the bottom zone. As a consequence, the temperature needs
to be controlled. Therefore, heat is extracted by the bayonet tubes
and the colder solid stream internally recirculating control the
bottom zone temperature. Consequently, the carbonator tempera-
ture is adapted to 630–700 °C (Tcarb in Fig. 3).

• The flow of flue gas and its composition entering and leaving the
carbonator is continuously measured, CO, CO2, NO and SO2 by
nondispersive infrared spectroscopy, O2 by a paramagnetic and H2O
by a psychometric measuring principle. The molar flows of CO2

(F F,CO2,carb,in CO2,carb,out in Fig. 3) can be calculated by the volumetric
flow rates and the measured CO2 concentrations.

• To close the carbon balance as well as the heat balance, it is crucial
to determine the total circulating solid mass flow Gs and the molar
circulation of Ca-based particles (FCa in Fig. 3), respectively, be-
tween carbonator and calciner reactor. With the help of the sorbent
composition, the characteristic volumetric curve of the screw con-
veyor allows the calculation of the total solid circulating mass flow
and the corresponding molar circulation rate.

• Frequent analyses of the composition solids transferred from car-
bonator to calciner and vice versa is required. The chemical com-
position in terms of CaO, CaCO3, CaSO4 and ash content is analyzed
(y y y y, , ,CaO CaCO3 CaSO4 ash in Fig. 3), and the molar carbonate content of
particles entering (Xcalc in Fig. 3) and leaving (Xcarb in Fig. 3) the
carbonator can be determined. The extracted samples are tested
with TGA and in the batch reactor to investigate CO2 carrying ca-
pacity and reaction rates.

The CaL process was investigated in more than 2400 h of long-term
pilot operation, thereof more than 1,200 h with continuous CaL op-
eration capturing CO2. During steady-state operation, CO2 absorption
rates in the carbonator higher than 90% and overall CO2 capture rates
higher than 95% were proven under a wide range of parameters. The
main range of operating parameters during the long-term pilot tests is

summarized in Table 2.

2.2. Evaluation

The trends observed during operation, especially in stead-state
periods, are evaluated in terms of the efficiency of the process. The CO2

absorption efficiency in the carbonator Ecarb is a crucial parameter for
process evaluation in terms of reactor design and scale-up purposes. It is
defined as the flow of CO2 absorbed related to the flow of CO2 fed in the
carbonator (see Fig. 3). The carbonator efficiency can be calculated as
follows:

=
−

E
F F

Fcarb
CO2,carb,in CO2,carb,out

CO2,carb,in (2)

The maximum carbonator efficiency for removing CO2 from the gas
flow entering the carbonator (Ecarb,eq) is limited by the minimum CO2

volumetric concentration derived from the chemical equilibrium. It
helps to compare the actual carbonator efficiency with the maximum
possible efficiency at the current temperature. The chemical equili-
brium is a function of the reactor temperature and is given in Eq. (3)
from Silcox et al. [28]:

= ×
−

ν 4.137 10 e TCO2,eq
7

20,474
(3)

Besides the limitation of the absorption by the reactor temperature,
the efficiency is dependent on the ratio of incoming flow of moles Ca
from the calciner and the molar flow of CO2 contained in flue gas en-
tering the carbonator. To quantify this relation, the sorbent looping
ratio LR is defined in Eq. (4):

=LR F
F

Ca

CO2,carb,in (4)

The ability of the sorbent entering the carbonator to absorb CO2

depends on the reactivity. The fresh limestone fed as make-up (F0)
mixes with the circulating stream to maintain and achieve a high
quantity and quality of CaO. The make-up is quantified by the ratio of
limestone fed to the process related to the CO2 to be captured in the
carbonator. Eq. (5) shows the make-up ratio MR.

=MR F
F

0

CO2,carb,in (5)

The sorbent looping and the make-up ratios are of practical interest as
operating parameters in the CaL process. The sorbent looping ratio influ-
ences the heat required for sorbent regeneration in the calciner. A low
sorbent looping ratio is desired to limit the additional heat input to the
calciner. The make-up ratio needs to be kept at low values to avoid ad-
ditional heat input for calcination on the one hand, and on the other hand
a certain amount is required to maintain a high reactivity of the sorbent.
An optimum of both ratios has to be achieved in long-term operation.

Fig. 3. Main flows and operating parameters of 1 MWth carbonator reactor.

Table 2
Range of operating parameters during long-term pilot tests.

Parameter Variable Value Unit

Carbonator average temperature Tcarb 620–695 °C
Carbonator solids inventory Ws,carb 325–815 kg/m2

Carbonator inlet CO2 volumetric fraction νCO2,carb,in 11–16 vol.%
Carbonator absorption efficiency Ecarb 45–95 %
Solid circulation flow between the reactors Gs 2.5–4.2 kg/m2s
Looping ratio LR 9–20 molCa /molCO2
Make-up ratio MR 0.04–0.25 molCa/molCO2
Calciner average temperature Tcalc 840–910 °C
Calciner inlet CO2 volumetric fraction νCO2,calc,in 0–32 vol.%
Calciner inlet O2 volumetric fraction νO2,calc,in 43–60 vol.%
Calciner inlet H2O volumetric fraction νH2O,calc,in 0–12 vol.%
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3. Results and discussion

3.1. Exemplary results of long-term operation

As described above this paper focuses on steady-state long-term
operation. It may be of interest to discuss the approach to achieve
steady-state operating periods. In general, an experimental test run
starts with heating of the dual fluidized bed system following the
temperature gradients of the refractory lining. In the beginning, both
reactors are fluidized with electrically pre-heated air followed by the
start-up burners. Sorbent is filled into the reactor system, and pressure
sealing is achieved in the loop seals. Afterwards solid circulation is
started and the mass flow from the carbonator to the calciner is step-
wise increased. Stable hydrodynamics in the dual CFB system with a
minimum of circulating are established. The circulating material heats

up all interconnecting parts of the system. The reactors are con-
tinuously heated up, and at 700 °C in the calciner, coal firing is started
to substitute the burner and is increased stepwise. The calcination of the
sorbent takes place as the calciner is heated up to operating tempera-
ture. The solid circulation is further increased and utilized as a heat
carrier to the carbonator to stop the start-up burner. The carbonator
fluidization air is then enriched with CO2 to start the CaL process. The
starting carbonation reaction increases the reactor temperature that is
controlled by the bayonet cooling tubes. The solid circulation is in-
creased gradually to achieve stable CO2 absorption in the carbonator.
After establishing stable operation of the total system, the calciner
operation is switched from air to oxy-combustion mode by replacing air
with oxygen enriched flue gas. The carbonator fluidization is switched
from artificial to coal originated flue gas from the combustion chamber.
A continuous feed of make-up is started to adjust the sorbent activity as

Fig. 4. Exemplary long-term pilot operation (transient to and between steady-states).
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well as to replace the loss of fines due to attrition. Material is extracted
from the reactors to keep the inventory constant while feeding make-
up.

This general approach is used to achieve stable operation in the
pilot plant during the test campaigns. Based on stable operation, single
operating parameters such as make-up feed, solid circulation rate or
reactor temperatures were varied to move on to another steady-state
operating point.

Exemplary results from a CaL long-term test campaign using high
grade pulverized lignite from the Rhenish area (see Table 1) as fuel and
limestone (d50 = 175 μm, purity of 98.2 wt.% CaCO3) from Western
Germany are shown in Fig. 4.

The initial period until 15 h (1) shows the start of the CaL testing.
The average temperatures in the carbonator and the calciner were ad-
justed to 650 °C and 870 °C, respectively, and were maintained during
the entire test run (see Fig. 4a). At 10 h, the carbonator fluidization was
switched from synthetic to coal originated flue gas from the combustion
chamber with a superficial gas velocity of 2.3–2.5 m/s. The specific
reactor inventory was increased from 300 kg/m2 to around 600 kg/m2

and was kept constant for the whole testing period (see Fig. 4a). Oxy-
fuel combustion in the calciner was established using oxygen diluted
with recirculated flue gas as fluidization media. The calciner was op-
erated with a constant superficial gas velocity of 4.5–5.5 m/s and a lean
zone temperature of around 900 °C to guarantee a full regeneration of
the sorbent. The inventory was continuously replaced by a make-up
feed of 0.4 mol/m2s (see Fig. 4b) to guarantee a continuous mixing of
inventory and fresh material, corresponding to a molar make-up ratio
MR of 0.12 mol CaCO3 per mol CO2 fed to the carbonator. The solid
flow circulating between the reactors was kept constant at 3.8 kg/m2s
(see Fig. 4c) corresponding to a sorbent looping ratio LR of 17 mol of Ca
circulated per mol CO2 fed to the carbonator reactor for the absorption
process. In this initial phase, the absorption efficiency in the carbonator
of around 55% was poor compared to the equilibrium CO2 absorption
efficiency calculated by the average carbonator temperature (see
Fig. 4b). The established operating conditions were maintained for 40 h
to achieve a homogeneous mixing of inventory and make-up in order to
guarantee steady-state sorbent behaviour.

A transition phase from 15 h (1) to 42 h (2) is obvious wherein none
of the operating parameters was changed. The carbonator absorption
efficiency Ecarb decreased from an initial value of 75% to a residual
value of 70% (see Fig. 4b). The decrease of Ecarb corresponded to the
reduction of the flow of CO2 absorbed in the carbonator (F ECO2,carb,in carb)
from an initial value of 2.9 to 2.5 mol/m2s.

The transition is reflected by the carbonate content of the loaded
sorbent, Xcarb, and the sulphur content Xsulphur. Xcarb decreased from 4.1
to 3.8%molar, reflecting a continuous deactivation of the sorbent and
consequently the decrease of the reactivity. In the same time, Xsulphur
increased from 0.5 to 0.7%molar reflecting the accumulation of inactive
material (see Fig. 4c).

After 42 h (2) steady-state operation was achieved. In this phase,
steady-state conditions were recognizable by the constant CO2 ab-
sorption in the gas phase (see Fig. 4b). The solid analyses of three
samples in this period proved the steadiness in the sorbent phase by a
constant carbonate content of 0.038 molCaCO3/molCa and sulphur of
0.007 molS/molCa, as shown in Fig. 4c.

At 55 h (3), the make-up feed to the process was increased from 0.4
to 0.6 mol/m2s (MR of 0.17) to adjust the sorbent performance whilst
the other operating parameters were kept constant. Fig. 4b shows the
effect on carbonator absorption efficiency. It increased significantly
from 70 to 90% in a period of 30 h, representing conditions close to the
thermodynamic equilibrium The corresponding flow of absorbed CO2

increased from 2.5 to 3.1 mol/m2s. At the same time, Xcarb increased
from 3.8 to 5.7%molar, and Xsulphur decreased from 0.7 to 0.4%molar. It
reflects the higher loading of the circulating sorbent due to a higher
activity since more fresh material is added to the process and more
inactive material is replaced. This operation period was shortly

interrupted at 72 h when a combustion chamber shut-down forced
carbonator fluidization by artificial flue gas for 30 min. During this
period, less CO2 and the absence of H2O in the carbonator fluidization
led to a decrease of Tcarb to 615 °C, and as a consequence Ecarb dropped.

The transition phase ended after 30 h and at 85 h (4) and a second
steady-state operating period was reached representing stable condi-
tions in gas as well as sorbent phase.

The results from the pilot tests show carbonate contents Xcarb of
0.03–0.1 molCaCO3/molCa at the carbonator outlet indicating the re-
sidual activity of the sorbent. The low carbonate contents indicate a
high sorbent deactivation at the tested conditions. Especially at a low
make-up ratios (MR < 0.15), the sorbent deactivation is high in-
dicating the lower end in this range. Make-up rations higher than 0.15
are required to significantly increase the activity of the material to
achieve molar carbonate contents Xcarb of 0.1 molCaCO3/molCa, and thus
ensuring carbonator absorption efficiencies higher than 90%.

Steady-state operating points with different fuel type and prepara-
tion (see Table 1) were used to point out the influence on sorbent
composition. The comparison of sorbent compositions between pul-
verized hard coal and lignite tests shows differences in the share of
CaSO4 and ash. The low sulphur content of lignite is reflected by CaSO4

fractions in a range 0.25–1.6 wt.%, compared to 2–12 wt.% for hard
coal. The lower ash content of the lignite fuel is represented by ash
fractions of 3–6 wt.% against 6–16 wt.% for the hard coal case as well.
Comparing the ash and CaSO4 fractions of sample analyses from hard
coal testing with different fuel preparations, no significant difference in
the share of CaSO4 can be observed whereas the accumulation of ash is
higher fuelling the hard coal in coarse form. Up to 20 wt.% of ash ac-
cumulates in the sorbent stream and the conclusion can be drawn that
the particle size of the coal significantly affects the share of ash since
the separation efficiency of ash particles in the calciner cyclone is in-
fluenced. The bigger the ash particles, the more ash is separated and
accumulates in the circulating material.

The energy consumption for CaL CO2 capture derived from the pilot
tests was between 6 and 10 MJ/kgCO2. The related penalties in terms of
net efficiency caused by ASU and make-up were in a range of 1.9–2.9%-
points and 0.8–3.1%-points, respectively. It is noteworthy to mention
that the heat losses in the 1 MWth are significantly higher compared to
larger size reactor systems and thus will decrease with increasing scale.

3.2. Closure of CO2 balance

An important factor of process evaluation is the closure of the CO2

mass balance with a certain focus on the carbonator. During steady-
state operation, the CO2 removed from the gas phase as well as inserted
CO2 with the make-up can be calculated and compared with the CaCO3

formed in the circulating stream of CaO. Hence, the following mass
balance has to be fulfilled:

= −F E F X X( )CO2,carb,in carb Ca carb calc (6)

The CO2 removed from the gas phase can be calculated by the flow
and gas composition measurement at the inlet and outlet of the car-
bonator. Thus, the terms on the left side of Eq. (6) are most reliable. The
solid phase on the right side of Eq. (6) included the molar flow FCa
representing the amount of CaO particles that enter the carbonator with
a molar carbonate content Xcalc after regeneration and leave the reactor
after absorption with the carbonate content Xcarb. FCa is calculated from
the total circulating solid mass flow Gs and the solid samples taken from
the reactor system. The total solid circulation rateGs during steady-state
conditions is derived from the volumetric characteristic curve of the
screw conveyor transporting the material between the reactors and the
mass fractions of the material (y y y y, , ,CaO CaCO3 CaSO4 ash). The molar flow
FCa can be calculated by Eq. (7), taking into account the mass fraction of
Ca particles (yCa) and the average molar weight of these solids (MCa):
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The fraction of impurities, either representing deactivated calcium
sulphate (yCaSO4) or inactive ash (yash), is strongly dependent on the type
and particle size of fuel burnt in the calciner. During the test, the solid
analyses show significantly lower fractions of calcium sulphate and ash
fuelling the pulverized Rhenish lignite compared to the hard coal. The
lignite contains significantly lower fractions of sulphur and ash (see
Table 1) that is reflected by solid analyses. The influence of fuel
properties on the sorbent requires a more deeper evaluation.

The CO2 balance of Eq. (6) can be closed with the help of Eq. (7).
The two terms of Eq. (6) are compared in Fig. 5. The CO2 removed from
the gas phase in the carbonator and the increase of CaCO3 in solid
circulating flow between the reactors is depicted. The comparison in-
cludes the results from various operating points, operated under a
broad range of parameters, e.g reactor inventory and temperature,
make-up feed, solid circulation etc. For all operating points, solid
samples from the reactors were extracted and considered for each point
in the balance. As it can be seen from Fig. 5, the CO2 bound in the solid
phase matches the CO2 removed from the gas phase with a reasonable
deviation.

3.3. Active space time

The application of a basic reactor model to the experimental data is
particularly useful to evaluate the results and for designing the carbo-
nator. Eq. (8) shows the balance of CO2 absorbed in the gas phase (left
term) and the amount of solids in the carbonator reacting with the CO2

with an average reaction rate (right term).

=F E n dX dt( / )carbCO2,carb,in carb Ca,carb,active (8)

The reaction rate of the particles in the carbonator is based on the
assumption that the present particles react with a constant rate until a
maximum conversion rate (Xave). A perfectly mixed reactor for the solid
phase and a plug flow reactor for the gas phase is assumed. This model
has been applied for various tests to evaluate experimental results
[16,26]. According to the methodology postulated by Charitos et al.
[26], the reaction rate depends on the sorbent constant ks, the gas–solid
contacting factor φ, the CO2 carrying capacity Xave and the difference
between the average and equilibrium CO2 volume fraction in the re-
actor. The reaction rate is shown in Eq. (9).

= −dX dt φk X ν ν( / ) ( )carb s ave CO2,carb CO2,carb,eq (9)

The active inventory nCa,carb,active can now be defined based on the
reaction rate term. According to the postulated model, only an active
fraction ( factive) of the particles nCa,carb taking part in the kinetically
controlled fast reaction regime. The active fraction corresponds to
particles with a residence time below the time needed to increase the
carbonate content from Xcalc to Xave (t*). The active fraction is calcu-
lated with the results of solid sample analyses inserted in the reaction
rate model in Eq. (9).

= −
⎜ ⎟
⎛
⎝

− ⎞
⎠f 1 e

t
n F

active

*
/Ca,carb Ca (10)

The combination of Eq. (8) with Eqs. (9)–(12) leads to an expression
describing the carbonator efficiency of a CaL system by including all
directly or indirectly linked operating parameters, the so-called active
space time (τactive).

= −E τ φk ν ν( )carb active s CO2,carb CO2,carb,eq (11)

For given operating conditions, the active space time in Eq. (11)
indicates the performance of the carbonator as a single parameter. The
inventory, the residence time of particles, the CO2 concentrations and
temperature as well as limestone dependent influences are considered.

=τ
n

F
f Xactive

Ca,carb

CO2,carb,in
active ave

(12)

The apparent carbonation rate constant within the carbonator re-
actor (k φs ) can be derived as a fitting factor from Eq. (11). The car-
bonation rate constant ks can be measured from TGA experiments. An
averaged value of 0.16 s−1 was obtained.

A simplification has been made to apply the active space time model
to the experimental data. As already reported by Charitos et al. [26],
the values of Xave and Xcarb are very close for residence times around
3 min in the carbonator. In pilot operation, the carbonator was operated
with a residence time of particles in this range and consequently, the
simplification was made to use Xcarb instead of Xave for the evaluation of
this set of experimental data.

The comparison of CO2 removed from the gas phase and the CO2

reaction in the carbonator bed applying the active space time is shown
in Fig. 6. A reasonable agreement of the model with the experimental
data is accomplished taking under consideration that there are inherent
uncertainties in the determination of the parameters applied in this
model, as discussed by Rodriguez et al. [25,29]. The estimation of solid
circulation rate is challenging since it is a difficult parameter to be
measured in a CFB system. The determination of average carbonate
conversion is sensible for experimental uncertainties as well since the
extracted solid samples are only a very little share compared to the
inventories and streams in the pilot plant. Nevertheless the results from
CO2 balances closures as depicted in Figs. 5 and 6 are according to
results from other pilots. The evaluation provides confidence about the
scalability in terms of carbonator absorption efficiency.

4. Conclusions

An important step towards the realization of the CaL technology in
commercial scale is the successful pilot testing in 1 MWth scale. Semi-
industrial pilot testing of the CaL process with more than 1,200 h of
stable CO2 capture showed the maturity of the process realizing CO2

absorption rates in the carbonator higher than 90% and overall CO2

capture rates higher than 95%. The experimental results prove the
performance of the process under a wide range of parameters in steady-
state operation.

The procedure to achieve steady-state operation has been demon-
strated under oxy-fuel calcination using vari-ous fuel types and pre-
parations. Up to 60 h are required to provide a homogenous mixing of
the existing inventory with fresh make-up sorbent with respect to a

Fig. 5. Closure of carbon molar balance between removed CO2 from the gas phase and
increment in circulating solid stream between reactors.
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steady sorbent performance and accumulation of impurities. The im-
pact of the make-up ratio on the carbonator absorption efficiency and
the accumulation of sulphur in the sorbent are exemplarily shown.
Make-up ratios of more than 0.15 are feasible to keep the activity of the
sorbent sufficient and the share of inactive material low to achieve
carbonator absorption rates higher than 90%. The accumulation of inert
material shows the dependency on ash and sulphur fractions of the fuel
in the calciner. High grade fuel reduce the inactive sorbent share in
comparable operation conditions from around 20 to 8 wt.%.

The satisfying closure of carbon balance and the interpretation of
the results with the help of a basic reactor model provide the confidence
for a scale-up of the technology to a demonstration plant in 20 MWth

scale. An active space time of 80 s is identified as the basis for 90% of
absorption efficiency in the carbonator. This comprehensive data base
of experimental results under realistic operating conditions is applied
for the further development of the CaL technology.
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