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TRANSPORT AND PHASE EQUILIBRIA PROPERTIESFOR STEAM
FLOODING OF HEAVY OILS

ABSTRACT

Hydrocarbon/water and CO, systems are frequently found in petroleum recovery
processes, petroleum refining, and gasification of coals, lignites and tar sands.
Techniques to estimate the phase volume and phase composition are indispensable to
design and improve oil recovery processes such as steam, hot water, or CO,/steam
combinations of flooding techniques typically used for heavy ails.

An interdisciplinary research program to quantify transport, PVT, and equilibrium
properties of selected oil/ CO,/water mixtures at pressures up to 10,000 psia and at
temperatures up to 500 OF has been put in place.

The objectives of this research include experimental determination and rigorous
modeling and computation of phase equilibrium diagrams, and volumetric properties of
hydrocarbon/CO,/water mixtures at pressures and temperatures typical of steam injection
processes for thermal recovery of heavy oils.

Highlighting the importance of phase behavior, researchers ([1], and [2]) insist on
obtaining truly representative reservoir fluids samples for experimental analysis. The
prevailing sampling techniques used for compositional analysis of the fluids have
potential for a large source of error. These techniques bring the sample to atmospheric
conditions and collect the liquid and vapor portion of the samples for further analysis.
We developed a new experimental technique to determine phase volumes, compositions
and equilibrium K-values at reservoir conditions. The new methodology is able to
measure phase volume and composition at reservoir like temperatures and pressures. We
use a mercury free PVT system in conjunction with a Hewlett Packard gas
chromatograph capable of measuring compositions on line at high pressures and
temperatures. This is made possible by an essentially negligible disturbance of the
temperature and pressure equilibrium during phase volume and composition
measurements. In addition, not many samples are withdrawn for compositional analysis
because a negligible volume (0.1 pl to 0.5 pl) is sent directly to the gas chromatograph
through sampling valves. These amounts are less than 1 x 10'5 % of total volume and do
not affect the overall composition or equilibrium of the system.



A new method to compute multi-component phase equilibrium diagrams based on an
improved version of the Peng-Robinson equation has been developed [3]. This new
version of the Peng-Robinson equation uses a new volume translation scheme and new
mixing rules to improve the accuracy of the calculations. Calculations involving multi-
component mixtures of CO,/water and hydrocarbons have been completed. A scheme to
lump multi-component materials such as, oils into a small set of "pseudo-components’
according to the technique outlined by Whitson [4] has been implemented. This final
report presents the results of our experimental and predicted phase behavior diagrams and
calculations for mixtures of CO,/water and real oils at high pressures and temperatures.
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TRANSPORT AND PHASE EQUILIBRIA PROPERTIESFOR STEAM
FLOODING OF HEAVY OILS

STATEMENT OF WORK (SOW)

Under this Statement of Work (SOW), Dr. Jorge Gabitto from the Chemical
Engineering Department at Prairie View A&M University (PVAMU), Dr. Maria Barrufet
from the Petroleum Engineering Department at Texas A&M University (TAMU) and Dr.
Rebecca Bryant from Bio-Engineering Inc. (B-E) conducted research and training in the
area of transport and thermodynamic properties determination for heavy oils. A research
project was proposed to develop theoretical models, develop computer algorithms, and
measure experimentally transport and thermodynamic properties of heavy oils.

Training of graduate and undergraduate students was part of the project. Technology
transfer of the results generated by the project was implemented through B-E and
publicationsin referred journals.

Dr. Gabitto has acted as coordinator of the research team. Drs. Barrufet and Bryant
were subcontractors to Dr. Gabitto.



TRANSPORT AND PHASE EQUILIBRIA PROPERTIESFOR STEAM
FLOODING OF HEAVY OILS

TECHNICAL REPORT

This report is divided in two parts, theoretical and experimental. The theoretical
work part has two subparts, development of an improved Peng-Robinson equation of
state with volume trandation term and development of a procedure to characterize heavy
oil mixtures.

EXPERIMENTAL PART

INTRODUCTION.

A good understanding of volumetric and phase behavior of petroleum reservoir fluids
is required for accurate prediction of reservoir performance and production forecasting.
Phase behavior data dictates reservoir development strategies for ordinary gas drives to
more technologically intensive carbon dioxide or steam flooding projects (Wu, [5],
Harding et al., [1], among others). Phase behavior data have been obtained traditionally
by experimental testing or by use of generalized correlations. Of these two methods the
later is often favored by researchers because it is easier to use and less expensive;
however, predictions using general correlations can be highly inaccurate mainly due to
varying chemical and physical properties of reservoir fluids from one reservoir to
another.

Highlighting the importance of phase behavior, researchers insist on obtaining truly
representative reservoir fluids samples for experimental analysis. Similar efforts have
been done for accurate prediction of phase compositions especialy for mixtures of
hydrocarbons and water and/or CO, (McKetta and Katz, [6]; Mehra et al., [7]; Shibata et
a., [8]; Langasan and Smith, [9]). In more recent times (Barrufet and Rahman, [10])
very accurate gas chromatographs along with PVT apparatus have been employed for
determination of phase compositions (Barrufet and Rahman, [10]).



The objective of this part of the project is to determine bubble point and pressure-
volume relationships for several oil samples already available. Experimental work was
done using a Paradis crude oil (Stock Tank Oil) available at the Petroleum Engineering
Department at TAMU. During the project Bio-Engineering Inc. provided several heavy
oil samples (API° 20-25). The samples were provided under the generic name ‘Kansas
Qil.” TBP analyses were obtained for two of the samples. The compositional results are
listed in the Appendix together with compositional data collected from literature sources.
The bubble point results are presented in the experimental results section.

APPARATUS AND EXPERIMENTAL SET-UP
The laboratory set-up consists of three main parts:
| - VACUUM SYSTEM
[1- HYDRAULIC SY STEM
1. RECOMBINATION APPARATUS

| =Vacuum System. The vacuum system consists of a vacuum pump, two traps to

protect the vacuum pump from liquid, and tubing.

I1- Hydraulic System. Hydraulic System consists of a Ruska positive displacement
pump, a pressure gauge, high-pressure valves and tubing. The purpose of this system is

to charge the volume in the upper portion of the recombination cell.
The capacity of the pump is 500 cc (0.01765 cu. ft.).
The maximum working pressure is 340.25 ATM (5000 psia).

The displacement pump is equipped with a discharge volume scale. This is used to
monitor the volume of the discharge and, indirectly, the volume of the recombination
cell. Thisscale can be read within 0.02 cc (7.062 e -7 cu. ft.).

I11- Recombination Appar atus.




a). The Temperature Controlled Air-Bath Oven with maximum operating
temperature 200 C (392 F). The temperature can be set with an accuracy of 0.2 C.
Uniform air bath temperature distribution +- 1 C.

b). The Recombination Cell

JEFFREY Recombination cell model No 1000-10-P-REC
Floating piston.

Capacity of the Cell 1,000 cc (0.0353 Cu. ft.).

Maximum working pressure 689.48 bar (10,000 psia).
Maximum working temperature 200 C (392 F).

¢). The Rocking Mechanism

L aboratory set-up.

This rocking mechanism is provided to mix efficiently a multi component fluid such
the desired equilibrium condition can rapidly be obtained.

The laboratory set-up was constructed according the standard set-up suggested in the
manual book of the recombination apparatus. The recombination Cell is connected from
the bottom with hydraulic system and with the Sample Cylinder from the top. The
hydraulic system is connected with the bottom of both recombination cell and simple
cylinder. The sample cylinder is connected with hydraulic system from the bottom and
with the recombination cell from the top. The vacuum system is used with all the system
depending of step of experiment.

Procedure to charge the hydraulic oil into the system:

1- Before charging oil into the hydraulic system, al air has to be removed from the
system by using vacuum (from the hydraulic pump until the bottom of recombination
Cell).

2- Injecting the hydraulic oil into the bottom of the recombination cell until the
floating piston arrive on the top of the Recombination Cell.
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3- Do the same procedure for the preparation of Sample Cylinder.
4- Charge the crude Qil into the Sample Cylinder.

5- Before Charging the Oil from the Sample Cylinder, al air has to be removed from
the system between the top of the Recombination Cell until the connection with the
Sample Cylinder.

6- Charge the oil from the Sample Cylinder into the top of the Recombination Cell by
using the hydraulic pump.

7- Close the top of the Recombination Cell.

8- Heat the System until the wanted Temperature.
Composition of the Oil Samples:

The characteristics of the oils used in the bubble point pressure experiments are:
Oil A

Paradis crude oil (Stock Tank Qil). The volume injected into the recombination cell
of thisail is:

V=500ccat T=22 Cand 1 ATM, API # 40, density = 0.82 g/cc, so the mass of thisail is
410 9.

Oil B
A mixture of 95.7% mass of Oil A and 4.3% mass of Methane.

The mixture is 1.71% volume of black oil and 98.29 % volume of Methane and at
T=22 C and Atmospheric Pressure.

oilC

Oil B plus 5 cc (5g ) of distilled water. Then the total mass of mixture is 433.45 g,
410 g black oil + 18.45 g Methane + 5 g water). The water was added to the
recombination cell at a pressure above the pressure inside the cell (2100 psi we used this
pressure to keep the system under the liquid phase), and to avoid the back flash.

Oil D
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Qil C plus 20 cc of distilled water. Thus then the total mass of mixture is 453.45 g (
410 g black oil + 18.45 g Methane + 25 g water). The same procedure of Oil Cis used.

Oil E
Kansas heavy oil. See Appendix for compositional data.

V=500 cc at T=22 Cand 1 ATM, API # 20, density = 0.933 g/cc, so the mass of this oil
i1S466.5 g.
Oil F

Kansas heavy oil. See Appendix for compositional data.

V=500cca T=22 Cand 1 ATM, API # 22, density = 0.921 g/cc, so the mass of this oil
is460.5 g.

THEORETICAL WORK

PHASE EQUILIBRIUM CALCULATIONS

| ntr oduction

Water and CO, are used extensively in enhanced oil recovery processes such as steam
flooding and CO, flooding. These methods are the most important thermal/miscible oil
recovery processes (Wu, 1977 [5]; Harding et al.; 1983 [1]; Turek et a., 1984 [2],
Boberg, 1988 [5]). Steam and/or CO, are injected into reservoirs where hydrocarbons
and brines coexist. Intermolecular interactions of CO, with water and hydrocarbons will
affect the species partitioning into the coexisting equilibrium phases, i.e., the
hydrocarbon K-values (Kj's) will likely be different from those obtained at the same
pressure and temperature, but in the absence of water or of CO,,.

In steam-thermal recovery processes, steam is either injected into or generated within
areservoir where the hydrocarbons and water may coexist in three phases, vapor and two
liquid phases, hydrocarbon and water. In miscible enhanced oil recovery processes using
CO; as a displacing medium, the aqueous effects on the hydrocarbon/ CO, phase
behavior have not been fully investigated. Because of the aqueous phase vapor pressure
and the mutual solubility of water and hydrocarbon/ CO, in the liquid phases, neglecting
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the agueous effects can induce serious error in the representation of hydrocarbon/ CO,
phase behavior. Hornbrook et al., 1991 [12], reported the use of CO, in steam flooding
showing many beneficial effects on oil recovery and economics.

Phase equilibrium diagrams and volumetric properties are important in the design,
development and operation of chemical processes and reservoir smulations. In order to
estimate these properties, cubic equations of state (EOS) are commonly used. Since the
development of van der Waals equation of state [13], more accurate equations of state
have been developed which can describe thermodynamic properties and phase equilibria
of awide range of substances with varying degrees of successes (for example, see [7-9,
14]).

Among the simple two-parameter cubic equations of state, the Peng-Robinson
equation of state (PR EOS) [15] is commonly used to model phase behavior and
volumetric properties of fluid mixtures encountered in natural gas refinery, petrochemical
and chemical applications. The Peng-Robinson equation of state for a pure fluid can be
written as

P =RT /(v -b)-a/ (v +ubv+wb?) ().
Where, P is the pressure, v is the molar volume, R is the gas constant, b is the

excluded-volume parameter, and a, is the attraction energy parameter. For PR EOS, u =
2and w = -1, and b and a are defined as,

b=b, and a=a, a(a),Tr) (5).
Where, critical parameters b and ac are given by
b. = 0.07779607 (RT,)/P. (6)
a, = 0.45723553 (RT,)*/P, . (7)
and a(w, T,) isdefined as

X 2
a(a),T,):[1+ m(a))(l—Tr )] (8).

Where, w is the Pitzer acentric factor, and T, is the reduced temperature, Ty = T/Tg,

with T the absolute temperature and T, the critical temperature. In the original PR EOS,
X = 0.5, and m(w) is expressed in terms of a simple polynomial in w, specific to a
particular fluid. In order to calculate volume from PR EOS, Eqn.(1) can be expressed in
terms of the compressibility factor Z as
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7* +(B -1)z° +(A -38% -2B)Z +(B* +B* - AB)=0 (9), with
A=aP/RT? , B=bP/RT and Z = vP/RT (10).

Note that Egn.(9) is used to calculate volume and can yield one to three roots
depending on the number of phases in the system. For the vapor/liquid phase equilibria
in pure fluids, the largest positive root of Z corresponds to the vapor phase, while the
smallest positive root of Z corresponds to the liquid phase. The fugacity coefficient ¢ of
PR EOS can be given by

A InZ+(1—\/§)B
2J2B Z+(1+,2)B

Since the original PR EOS (@) cannot describe saturated vapor pressures of fluids at
low temperatures, (b) becomes unreliable for fluids with large acentric factors (w > 0.5),
and (c) cannot describe accurately the saturated volumes of liquid and vapor phases,
numerous attempts have been made in the past to modify PR EOS.

Inp =(z -1) -In(z-B)+ (12)

Several authors ([16] to [22]) have modified PR EOS by representing m of a-term
(Egn.(5)) as afunction of both acentric factor and reduced temperature, m(w,T,), for X =
0.5. In these modifications of PR EOS, the common practice has been to represent
saturated vapor pressure data as accurately as possible by manipulating m as a function of
wand T, for X=0.5. Later, Twu et al. [23] presented a different approach for determining
the a-term by expressing Eqn.(8) in an exponential form (without considering m) and
were able to correlate saturated vapor pressures of a number of hydrocarbon fluids
ranging from methane (C,) to eicosane (C,,), here referred to as PRT EOS. Their a—term
is a function of temperature only and contains three parameters. Twu et al. [23] found
that the results obtained from PRT EOS for the saturated vapor pressures were more
accurate than those obtained either from PR EOS or PRSV EOS. Since the above
modifications of a-term (or m) are based on the experimental data of saturated vapor
pressures for some selected systems having w < 1, these equations of state can be applied
reliably only to the limited ranges of the acentric factor, (w< 1).

Keeping the form of a-term to be the same as given by Eqgn.(8), we presented an
improved form of PR EOS, called MPR EOS[3]. In MPR EOS m(w) no longer depends
on the properties of a particular fluid. Following the suggestion of Leibovici, [24], m(w)
was determined by satisfying the isofugacity condition at T, = 0.7 for X = 0.5 using
Egns.(8) and (4) and was represented in a polynomial form. So long as u and w of
Egn.(4) are temperature independent parameters, the proposed m(w) can be applied to
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any cubic equation of state and to much larger values of w (w < 2). For the well-defined
value of m(w) the X parameter of a-term (Eqn.(8)) did not yield an universal value of
X=0.5. Therefore, we represented X in terms of a smple polynomia in reduced
temperature containing four parameters, which were obtained by comparing calculated
results with experimental data of the saturated vapor pressures of severa fluids over a
range of temperatures and pressures. In this work also we represent X in terms of a
polynomia in T,.. Unlike the previous work, however, now X contains only three
parameters.

The purpose of the theoretical work is to develop an improved form of the Peng-
Robinson equation of state following Fotouh and Shukla [19] and predict simultaneously
the phase behavior and volumetric properties of fluids of industrial interest over a wide
range of acentric factor values and the entire temperature range along the saturation line.
This is accomplished by (1) defining X as a function of temperature with three
parameters only, (2) using our polynomial of m(w), which can describe fluids with large
acentric factors of practical interest (w < 2 and above) and is independent of temperature
and a particular fluid, and (3) incorporating the temperature independent volume
trandation term of Mathias et al [25] with asimple modification. In this way, we further
simplify our earlier modifications of a-term and introduce a new version of the volume
trandation term, which is more accurate close to the critical point. We also extend
calculations to more systems of practical interest.

A brief account of the modified form of PR equation of state (MPR EQS) is presented
below.

M odified Peng-Robinson Equation of State (MPR EOS)

The general form of MPR EOS for a pure fluid is given by Eqgn. (4) aong with Egns.
(5) through (11). The important parameters of MPR EOS are m and X of the a-term
(Egn.(8)). As mentioned above, in this modification m depends on w only and is given

by [17]
m(w)=i Z AU (12).

Here u, =2 for PR EOS. Coefficients Ajx of the above polynomial are reported
elsawhere[19].
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For correlating the saturated vapor pressures accurately, we express X in term of a
simple polynomial given by

X =B, +B T +B, T2 + B, T*, with B, =05 (13)

In this work, the three parameters B, B, and B3 are determined by regression of
saturated vapor pressures of the pure fluids. For B; = B, = B3= 0, PR EOS is recovered.

Following the approach of Mathias et al. [25], the volume correction term is given by

Vo =y +S +F S—{Z-JE (14).

Here o is a dimensionless quantity related to the inverse isothermal compressibility
given by

2
5=_ v [PP (15), and
RT tov 3
Fo=ve® (v, + ) (16)

We note that F. is the additional volume correction term to match the critical volume
by equation of state determined using experimental data. In the work of Mathias et al.
[25], a universal value of S,, S$,=0.41, was adopted and S; was considered as an
independent parameter for each fluid. However, our calculations showed that the above
set of the S; and S, parameters was unable to correlate accurately the saturated volumes
of al the fluids used in this work. Therefore, we considered both S; and S, as
independent variables. Also, we found that the above temperature independent volume
correction was not adequate for some systems and for heavy hydrocarbons at low
temperatures. In order to improve the results for volumes at low temperatures, we
redefined Eqn. (14) asfollows

v =v +§ +F, E&%é%%ﬁ (17).

Here Egn. (17) is now temperature dependent and contains a third parameter, Ss.

Based on the combinations of Egns. (13) and (14) and those of Egns. (13) and (17),
we performed two kind of calculations in this work. The results obtained from the first
set of calculations (i.e., results based on Egns. (13) and (14)) were referred to as MPR
EOS. In this case, five parameters (B;, By, B3, S5 and S;) were determined
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simultaneously from the regression of the saturated vapor pressures and liquid volumes of
each fluid using the following objective function,

Mp Ny

ADPV% =S ABS(AP%) + 3 ABS(AV %) (18), with
1=1 =1

DPY% = (P, = Py )/ Py, x 100 (19), and

AV % = (V5 -4 )/VE x100 (20)

In the above equations, Pey IS the experimental vapor pressure, Py is the calculated
Vapor pressure, VLexp is the experimental liquid volume, V'ey is the caculated liquid
volume, and np and ny are numbers of the vapor pressure and the liquid volume data
along the saturation line, respectively. When experimental data for liquid volume were
not available, only B;, B, and Bz were fitted to the saturated vapor pressures using the
first term of Egn. (18).

In order to illustrate the accuracy of MPR EOS in the whole range of the saturation
temperature, Figs. 1-4 present results for the saturated vapor pressures of four selected
fluids of Table 1, namely, methane, eicosane, carbon dioxide, and water, respectively.
These fluids differ significantly in their acentric factor and polarity. Comparisons of
calculated results with experimental data show that MPR EOS is in excellent agreement
with experiment over the entire range of the saturation temperature. These comparisons
show that MPR EOS is very successful in representing the vapor pressures of even
associated fluids such as water (Fig. 4) reasonably well. Fig. 5 illustrates the accuracy of
MPR EOS in describing the saturated vapor pressures of heavy hydrocarbons. Fig. 5
shows comparisons between MPR EOS and experiment for four heavy hydrocarbon
systems, Cy,, Csz, Cyo and Cgp, exhibiting the large values of acentric factor (0.95 < w <
2.6). Even in these cases, the agreement between calculated and experimental resultsis
excellent.

M odified Wong-Sandler Mixing Rule (MWS MR)

In order to use the MPR cubic equation of state in mixture calculations, one requires a
mixing rule (MR) for the determination of mixture energy parameter and excluded-
volume parameter. Several attempts have been made in the past to correlate phase
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equilibria in mixtures using cubic equations of state by optimizing interaction parameters
of the simple classical mixing rules, such as van der Waals one-fluid type mixing rules
(see for example, Graboski and Daubert, [26], among others). In recent years, a
significant progress has been made in developing new mixing rules for the correlation
and prediction of mixture properties using equations of state. Important among them are
the mixing rules based on excess Gibbs free energy (GE) models (liquid solution models)
(for review, see Sandler et a, [27]).

Alternatives to the classica mixing rules are the mixing rules based on the excess
Gibbs free energy models as proposed by Huron and Vidal [28]. In Huron and Vidal
mixing rule the mixture energy parameters were evaluated by equating GE obtained from
the equation of state to that determined from an existing liquid solution model at infinite
pressure. The excluded-volume parameter, by, was determined using b, = Z xb,
where X; is the composition and b; is the excluded-volume parameter of component i. In
those mixing rules, interaction parameters of the GE models were obtained by fitting
experimental data for phase equilibria at low pressures. The estimated parameters were
then used to predict phase equilibria at higher pressures.

In order to improve the performance of GF based mixing rules and to remove the
theoretical inconsistency in determining mixture energy and volume parameters Wong
and Sandler [29] proposed another form of the mixing rule, called WS MR. This mixing
rule represents the correct composition dependency of the mixture second viria
coefficient and can predict phase equilibria of severa nonideal mixtures using the
existing low pressure free energy models (Wong et al., [30], Orbey et al., [31], Huang
and Sandler, [32], among others). The GE model parameters used in WS MR were
obtained from the existing results for the Helmholtz free energy model at infinite
pressure, A, or they were optimized using vapor/liquid equilibrium data at low
temperatures and pressures. The unknown interaction second virial coefficient parameter
(ki;) was determined from the experimental results of vapor/liquid phase equilibria at low
pressures and temperatures. The determined parameters were then used to predict phase
equilibria at higher temperatures and pressures. Eubank et al. [33] modified the
procedure of Wong and Sandler to obtain mixture parameters of the cubic equations of
state directly from the experimental data of cross second virial coefficients, considered in
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the single-phase vapor mixture at low pressures. The remaining G- model parameters
were taken from the existing methods, such as the group contribution method. For a
well-defined G model, the method of Eubank et al. [33] was purely predictive because
the cross second virial coefficients were obtained from the experimental data or from the
existing empirical correlations.

In alater study Fotouh and Shukla[34] proposed a modified version of the Wong-
Sandler mixing rule, caled MWS MR. They introduced a theoretical combination rule
for the determination of unlike energy and excluded-volume parameters such that the
need of experimental data for the cross second virial coefficients could be avoided. In

most of the binary mixtures at low pressures there was no need of correlating unlike
interaction parameter. The unknown function AS was determined from the non-random

two-liquid (NRTL) free energy model, parameters of which were available from the
earlier studies.
For the MPR cubic equation of state containing two mixture parameters am and bm,

WS MR is composed of two equations, one for the liquid state and another for the vapor
state. In the liquid state, the mixture energy parameter am is expressed as (Wong and

Sandler. [29]),
an=bm§ xa /1 —AE(X)/GE (20),

where ¢ is a constant dependent on the equation of state. For MPR EOS,
o =|n(&—1)/&. AF =GF (low pressure) is the excess Helmholtz free energy in the

infinite pressure limit for afixed liquid composition and temperature.

Using statistical mechanics that the composition dependence of the mixture second
viria coefficient Bm should be quadratic, i.e.,

Bm(T,x):Z 3 )ngB,j(T):Z S xx (b -a;/RT) 22),

another equation for the gaseous state is obtained as (Wong and Sandler. [29]),
b, -8, /RT=5 3 xx(b -a,/RT) (239)
i ]
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Substituting egn. (12) into egn. (14), the mixture excluded-volume parameter is given
by
O
b,=5 S xx b —a,.j/RT)/§+A'f(x)/oRT—ZXiai/hRTH (24)

i ]
Eqns. (21) and (24) form WS MR. For the known value of A5, Wong and Sandler
determined am and bm by evaluating composition-independent cross second virial

coefficient of the equation of state from the following relation:
bj —aij/RT =|lg +bj )2 (a +4)/2RT| [L-k;j) (25),
where kjj is an unknown interaction second virial coefficient parameter.

In WS MR, At can be obtained from any free energy model. In order to make the

model predictive, the activity coefficient model parameters in WS MR were obtained
from the literature (DECHEMA Data Series [35]). The interaction parameter kijj was

determined by equating calculated and experimental vapor/liquid equilibrium data a a
low temperature and pressure (Wong and Sandler, [29]) or by solving the following
equation (Orbey et al., [31]) at a specific composition of each binary mixture considered
at low temperature and pressure,

G®(EOS) = G*(free energy model) (26)

Recently, Eubank et al. [33] have suggested that the cross second viria coefficient of
the equation of state (Bjj) could be represented by the corresponding experimental data

B, =b; —a;/RT = BEX (28)

where B is the experimental cross second virial coefficient. This procedure avoids the
need of kjj parameter so long as the experimental results or correlations for the cross

second virial coefficients are available from earlier studies. However, experimental data
for the cross second viria coefficient are not available for all the fluid mixtures under all
thermodynamic conditions of our interest. Moreover, for the most mixtures they suffer
from large experimental uncertainties.

In order to make WS MR to be purely predictive and independent of experimental
data of the cross second virial coefficient, here we propose a theoretical combination rule

20



(CR) for determining the unlike energy &; and excluded-volume bjj parameters of the
equation of state following a combination rule based on intermolecular interactions. It
has been shown in the past that Lennard-Jones potential could describe thermodynamic
properties of simple fluid mixtures adequately, and it served as a reliable reference
mixture in the theory of molecular fluid mixtures (Shukla, [36]). Assuming that energy
and size parameters of the unlike components of the fluid mixtures studied here can be
represented by the corresponding energy and size parameters of the Lennard-Jones
mixturesin an effective way, we express g; and and by; as,

aij /RT = 2 /i1 /(1 + Ij))%Gbibj /%1/3+b}/3§%/aiaj I(RTR[-k;) (29

b, = (b +b2)r2f (29)

where lj is the ionization potential of component i. Since the ionization potential for most

of the fluids of our interest are unknown (Gray and Gubbins, [37]), we further assume
that Ij = 1j. Thissimplifies the calculation of unlike parameters greatly. Like WSMR, in
egns. (28) and (29) we have aso introduced an interaction parameter, k; which takes into
account the effects of any differences in ionization potentials of the components and
unlike interactions, and can be treated as an independent parameter. Egns. (28) and (29)
together with egns. (22) and (25) are referred to as MWS MR.

In our present calculations, the excess free energy at infinite pressure is obtained from
the non-random two-liquid (NRTL) model (Renon and Prausnitz, [38]),

ACIRT = Z Z %X |_TjiGji /(Xi + XiGji)J (30)
G = eXp(_aijTij) (31)
a. =a. (32

The NRTL parameters, a12, 112 and 121, were taken from the DECHEMA Data

Series. When NRTL parameters were not available from the previous works, we
determined them at the specified low temperature and pressure. Calculations based on
egns. (22, 25, 28-32) are referred to as MPR EOSMWS MR.
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In order to evaluate the accuracy of our approach we considered several mixtures
consisting of non-polar, non-associating polar and associating polar fluids. Here, we
present results for a few selected systems, namely, carbon dioxide/propane,
butane/methanol, benzene/methanol, and ethanol/water. For most of these mixtures,
liquid solution model parameters are available from DECHEMA [35] or from the
appropriate aforementioned citations. We present comparisons between our model, MPR
EOS/MWS MR, and experiment for vapor/liquid phase equilibria of the above systems
under subcritical conditions only.

First, we investigate the accuracy of our model by presenting in Table 2 the
percentage average absolute deviation (AAD%) between MPR EOS/MWS MR and
experimental data for vapor pressure and vapor composition of two selected mixtures,
carbon dioxide/propane and methanol/water. The first mixture consists of non-polar
fluids, while the second mixture consists of polar fluids with strong hydrogen bonding.
Let usfirst consider the system carbon dioxide/propane. Results for AAD% in pressure P

and vapor composition Y are reported for the four cases of calculations. Case (1): Since
the NRTL parameters are not available from the previous calculations, 112 and 121 are

fitted for agiven a12=0.3 using MPR EOS/MWS MR, for k;;=0 in eqs(19) and (20). Case
(2):) is fitted for the given parameters of (1). Case (3): 112, 121 and k; are fitted using
MPR EOS/WS MR. Case (4): Calculations are made using MPR EOS/'WS MR based on
the previously obtained NRTL and kj; parameters due to Wong and Sandler [27]. By
comparing various sets of AAD% in pressure and composition of Table 2 for the above
two cases, we find that our model MPR EOS/IMWS MR can predict adequately the
vapor/liquid phase equilibria in carbon dioxide/propane without optimizing k;; parameter,
i.e., k;=0. Similar comparisons are presented for methanol/water, for which the NRTL
parameters are taken from DECHEMA [35] thus leading to a true prediction. Again,
MPR EOS/IMWS MR is capable of describing the saturated vapor pressure and vapor
composition very well. The optimization of k;; leads to a slight improvement in the vapor
phase composition only, which is expected.

Table 3 presents AADs% in vapor pressure and vapor composition for severa
mixtures investigated in this work. In genera, MPR EOS/MWS MR predictions are seen
to be in very good agreement with experimental data. For systems, such as
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benzene/methanol, acetone/methanol, methanol/ethanol and methanol/1-butanol, MPR
EOS/MWS MR results are significantly improved by optimizing kij. Although, the
magnitude of k;; is small, these results suggest that the difference in ionization potentials
of the components and unlike interactions may be responsible for this remaining
deficiency of the model.

Fig. 6 shows results for the vapor pressure as a function of the composition of carbon
dioxide in carbon dioxide/propane mixture at a temperature, T=278K. Theoretical
predictions are seen to be in very good agreement with experimental data over the whole
range of compositions. Similar agreement between MPR EOS/MWS MR and experiment
is seen in Fig.7 for another non-polar mixture ethane/hexane, at T=339K. Effect of the
independent parameter kij on pressure has been aso investigated. As can be seen from

Fig.7, ki; has no significant effect on the vapor/liquid phase equilibrium.

Fig.8 presents comparison between theoretical and experimental results for the vapor
pressure of a benzene/methanol mixture. Thisisahighly non-ideal mixture containing an
associating polar component methanol, which undergoes a significant hydrogen bonding,
and a nonpolar component, benzene. The MPR EOS/MWS MR prediction agrees well
with experimental data, and the azeotrope in mixture benzene/methanol is also described
well.

HEAVY OIL FRACTION CHARACTERIZATION

The oil composition is determined experimentally by distillation (TBP Tests) and gas
chromatography. The thermodynamic properties are calculated from the experimental
information provided by thetests. A description is provided below.

TrueBoiling Point Tests (TBP Tests)

They are used to characterize the oil with respect to the boiling points of its
components. In these tests, the oil is distilled and the temperature of the condensing
vapor and the volume of liquid formed are recorded. This information is then used to

construct a distillation curve of liquid volume percent distilled versus condensing
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temperature. The condensing temperature of the vapor at any point in the test will be
close to the boiling of the material condensing at that point. For a pure substance, the
boiling and condensing temperature are exactly the same. For a crude oil the distilled cut
will be a mixture of components and average properties for the cut will be determined.
Table 4 shows typical results of a TBP test.

In the distillation process, the hydrocarbon plus fraction is subjected to a standardized
analytical distillation, first at atmospheric pressure, and then in a vacuum at a pressure of
40 mm Hg using a fifteen theoretical plates column and a reflux ratio of five. The
equipment and procedure is described in the ASTM 2892-84 book [42]. It is also
common to use distillation equipment with up to ninety theoretical plates. Usualy the
temperature is taken when the first droplet distills over. The different fractions are
generaly grouped between the boiling points of two consecutive n-hydrocarbons, for
example: Cn; and C,. The fraction receives the name of the n-hydrocarbon. The
fractions are called hence, single carbon number (SCN). Every fraction is a combination
of hydrocarbons with similar boiling points. . For each distillation cut, the volume,
specific gravity, and molecular weight, among other measurements, are determined.
Other physical properties such as molecular weight and specific gravity may also be
measured for the entire fraction or various cuts of it. The density is measured by
picnometry or by an oscillating tube densitometer. The average molecular weight of
every fraction is determined by measuring the freezing point depression of a solution of

the fractions and a suitable solvent, e.g., benzene.

If the distillate is accumulated in the receiver, instead of collected as isolated
fractions, the properties of each SCN group cannot be determined directly. In such cases,
material balance methods, using the density and molecular weight of the whole digtillate
and the TBP distillation curve, may be used to estimate the concentration and properties
of the SCN groups [43]. A typica true boiling point curve is depicted in Figure 9. The
boiling point is plotted versus the collected volume. There are several ways of
calculating each fraction boiling point.
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Gas Chromatogr aphy (GC)

The composition of oil samples can be determined by gas chromatography. Whilst an
extended oil analysis by distillation takes many days and requires a relative large volume
of sample, GC analysis can identify components as heavy as Cgy in a matter of hours
using only asmall fluid sample [44]. Individual peaks in the chromatogram are identified
by comparing their retention times inside the column with those on known compounds
previously analyzed at the same GC conditions. The intermediate and heavy compounds
are eluted as a continuous stream of overlapping compounds. This is very similar to the
fractionation behavior and treated similarly. All the components detected by the GC
between two normal neighboring n-paraffins are commonly grouped together, measured
and reported as a SCN equal to that of the higher normal paraffin. A major drawback of
GC analysis is the lack of information, such as the molecular weight and density of the
different identified SCN groups. The very high boiling point constituents of an ail
sample cannot be eluted, hence, they can not be analyzed by GC methods.

Ther modynamic Properties Prediction

To use any of the thermodynamic property-prediction models, e.g., equation of state,
to predict the phase and volumetric behavior of complex hydrocarbon mixtures, one must
be able to provide: the critical properties, temperature (T¢), pressure (P;), acentric (w) and

molecular weight (M,,).

Petroleum engineers are usually interested in the behavior of hydrocarbon mixtures
rather than pure components. However, the above characteristic constants of the pure and
of the hypothetical components are used to define and predict the physical properties and
the phase behavior of mixtures at any reservoir state. The properties more easily
measured are normal boiling points, specific gravities, and/or molecular weights.
Therefore existing correlations target these as the variables used to back up the
parameters needed for EOS simulations. (T, Pc, w, MW).

Many correlations of the critical properties of each pseudo-component as a function
of experimentally determined variables such as; boiling point, specific gravity, average
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molecular weight, have been published in literature. Whitson [4] provides an excellent
review. For the sake of brevity only abrief list isinclude here.

Riazi and Daubert [45] developed a simple two-parameter equation for predicting the
physical properties of pure compounds and undefined hydrocarbon mixtures. The
proposed generalized empirical equation is based on the use of the normal boiling point
and the specific gravity (y) as correlating parameters. The basic equation is:

g =aly"’ (33),

where Ty, is the normal boiling point temperature expressed in R and the constants a, b, c,
depend upon the physical property indicated by . The values to calculate the pseudo-

components critical properties are shown in Table 6.

Riazi and Daubert [46] modified their equation while maintaining its simplicity and

significantly improving its accuracy:
@ =aTy* exp[dT, +ey+ fT,y] (34)

@=aMy°exp[dM,, +ey+ M, y] (35).

The constants a to f for the two different functional forms of the correation are

presented in Table 5, and depend upon the correlated property.

Cavett [47] proposed correlations for estimating the critical pressure and temperature
of hydrocarbon fractions. The correlations have received a wide acceptance in the
petroleum industry due to their reliability in extrapolating at conditions beyond those of
the data used in developing the correlations. The proposed correlations were expressed
analytically as functions of the normal boiling point (T,) and API gravity (y).

Lee and Kesler [48] proposed a set of equations to estimate the critical temperature,
critical pressure, acentric factor, and molecular weight of petroleum fractions. The
equations use specific gravity and boiling point in °R as input parameters. They also

proposed an equation to calculate molecular weight (My,),
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Muw = —12,272.6+9,486.4y +(4.6523 - 3.3287y )T, + (1 -0.77084y - 0.02058y % )

-7 12
3437- 720510, 1 0.80882y +0.02226y |1 8828 - - 5 10
Tb b Tb Tb

(36)

Lee and Keder [48] stated that their equations for P. and T, provide values that are
nearly identical with those from the API Data Book up to a boiling point of 1,200°F.

Edmister [49] proposed a correlation for estimating the acentric factor w, of pure
fluids and petroleum fractions. The equation, widely used in the petroleum industry,
requires boiling point, critical temperature, and critical pressure. The proposed
expression is given by the following relationship:

_ 3log(P, /14.7)

ST, -n) (30,

with the temperatures expressed in degrees R.

Katz and Firoozabadi [50] presented a generalized set of physical properties for the
petroleum fractions Cg through C4s. The tabulated properties include the average boiling
point, specific gravity; and molecular weight. The authors proposed tabulated properties
are based on the analysis of the physical properties of 26 condensates and naturally
occurring liquid hydrocarbons. Figure 10 shows the relationship between molecular
weight and either on the normal boiling point (Ty) and API gravity (y) according to Katz
and Firoozabadi [50].

Schou Pedersen et al. [51] used extensive experimental data for seventeen North Sea
oil samples obtained using high temperature chromatography. They used experimental
data up to the Cgo. fraction. They checked the validity of the equation,

Zn=exp[A + B C] (38),

proposed by Pedersen et a. [52]. A and B are empirical constants determined by fitting
the experimental data, z, is the total molar fraction of components belonging to the
fraction with n carbon number. The study found that the experimental data are well
represented by Eqgn. (34). Schou Pedersen et al. [51] also reported that a good
representation of the heavy fraction is given by using compositional analysis up to Cyo-.
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The authors reported that there is no significant advantage increasing the accuracy of the

analysis from Cyo. to Cgo.

Whitson's L umping Scheme

Whitson [53] proposed a regrouping scheme whereby the compositional distribution
of Lumping is the reversed problem of splitting. The C;+ fraction is reduced to only a
few Multiple-Carbon-Number (MCN) groups. Whitson suggested that the number of
MCN groups necessary to describe the plus fraction is given by the following empirical

rule:
N, = Int[1+ 3.3log(N - n)] (39), where:
Ng = number of MCN groups
Int = Integer
N = number of carbon atoms of the last component in the hydrocarbon system
n = number of carbon atoms of the first component in the plus fraction

The integer function requires that the real expression evaluated inside the brackets be
rounded to the nearest integer. The molecular weights separating each MCN group are
calculated from the following expression:

g 0 M
Mw, =Mw, Eexpg\lL In%ﬂ% (40),
& 9 Mw,
where Mwy = molecular weight of the last reported component in the extended analysis

of the plus fraction and Mw, = molecular weight of the first hydrocarbon group in the

extended analysis of the plus fraction.
1=1,2,..., Ng

Molecular weight of hydrocarbon groups (molecular weight of Cz-group, Cg-group,
etc.) falling within the boundaries of these values are included in the I MCN group.

28



A sample calculation is shown in Table 6. The molecular weight of fraction 1 is 96
while the molecular weight of fraction 45 is 539. The method predicted 6 pseudo-
fractions with the molecular weights shown in the Table. The components with
molecular weights between pseudo-components k-1 and k are ascribed to pseudo-
component k. Complete calculations for several oil samples are presented in the
Appendix.

RESULTSAND DISCUSION

EXPERIMENTAL RESULTS

Evaluation of Bubble Point Pressures

Bubble Point Pressure for Crude Oil (A) and of this crude oil with Methane and
Water, have been measured in the range 212-315 °F (100 175 °C). The result gives us a
very good idea about what happens in a reservoir while injecting the water or steam for
Enhanced Oil Recovery, especialy the change in the bubble point pressure which is an
important variable for oil production.

The objective of this study is to calculate bubble pressures for the several oil samples
aforementioned. We also want to know the influence of the water injection on the value
of the bubble point pressure at the conditions of reservoir and to find the relation between
the quantity of water added to the reservoir and the amount of pressure reduced from the
bubble point.

Figures 11 to 14 show the isothermal pressure volume behavior of some of these oils
(A-D). Bubble point pressures were determined by least square regression of the two
curves indicating liquid phase and two-phase regions. Table 7 indicates the differencesin
bubble point pressures obtained for all these experiments. The purpose of adding
methane was to be able to detect the bubble point pressure experimentally. Equations of
state predicting two phase equilibria, rather than three phase equilibria, predict a
substantial increase in the bubble point pressure of an oil when water is added. Thisis
mainly an artifact of predicting two phase equilibriainstead of three-phase equilibria
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The experiments for oils E and F resulted mostly in P-V plots similar to the 100 °C
curvein Fig. 11. This behavior indicates that the bubble point occurs at temperatures
above the experimental limit for our apparatus or at saturation pressures below 14.7
psi. Our computer results confirm this conclusion and are shown in the next section.

The points where a determination was done are also listed in Table 7.

PHASE EQUILIBRIUM RESULTS

Synthetic Mixtures

We have performed severa calculations for mixtures consisting of non-polar, non-
associating polar and associating polar fluids. However, we present here results for afew
selected binary mixtures and multicomponent mixtures only. We also include some
results from the van der Waals mixing rules as appropriate for the comparison with MWS
MR. Since the details of the predictive power of this kind of approach has already been
presented earlier using a similar form of MPR EOS (Fotouh and Shukla, [34]), those

results are not repeated here.

Table 8 reports results for the absolute average deviation between experimental and
calculated results of saturated vapor pressures and vapor mole fractions for 13 binary
mixtures. In general, calculations based on MWS MR are more accurate than those using
VDW MR, in particular for nonideal mixtures. Also, in some mixtures MWS MR results
are more accurate than WS MR results. The advantage of MWS MR over WS MR is that
the unlike energy interaction parameters of MWS MR are relatively smaller in magnitude
than those of the latter. Therefore, MWS MR can describe vapor-liquid equilibria of

many mixtures even without using the unlike interaction energy parameter.

Now, we present results for a three-component mixture acetone/methanol/water, in
which the first component is non-associating polar fluid and other two components are
highly associating polar fluids. In Table 9, the MPR EOS/MWS MR results for the vapor
pressure and vapor mole fraction compare well with experimental data. The predictions
based on MPR EOS/MWS MR model are seen to be more accurate than those based on
either VDW MR or WS MR. Similar comparisons are seen in Table 10 for
nitrogen/carbon dioxide/propane mixture, in which the first two components are nonpolar
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nonhydrocarbon fluids while the third component is a hydrocarbon fluid.

Finally, we illustrate the performance of our model for two selected multicomponent
mixtures consisting of 11 and 12 components. Table 11 presents comparison between
calculated results and experimental data of vapor pressure and vapor phase compositions
of the components. Results from both MPR EOSVDW MR and MPR EOSMWS MR
models are almost equivaent for these mixtures. Nevertheless, these compari sons suggest
that the MPR EOS combined with MWS MR is a very reliable model for the prediction
of phase equilibria even in multi-component mixtures of reservoir interest.

Oil Samples

We used Whitson [53] technique to characterize severa oil samples collected from
literature and obtained from Bio-Engineering Inc. and other sources. A complete list
including compositional information and results is presented in the Appendix. The
procedure used involved the following steps:

1. Data corresponding to maximum and minimum carbon numbers and
molecular weights were collected. Normally we used 20 as the maximum
carbon number and 7 as the minimum. Some runs were done using 30 and 80,
but the results did not differ significantly from using 20. Schou Pedersen et
a. [51] reported similar conclusions.

2. A computer program was developed to implement Whitson [53] method using
egn. (39) to calculate the number of pseudo-components and egn. (40) to

caculate the limits between them.

3. The carbon number fractions in between the calculated limits were lumped
together. Molecular weights, specific gravities and molar fractions were
calculated for the different pseudo-components using the set of equations
reported by Whitson [4].

4. The general equation proposed by Riazi and Daubert [46], equation (35), with
the data presented in Table 5 was used to calculate critical temperatures (T),
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pressures (P.) and volume (V). The same equation was also used to calculate
saturated boiling temperature (Tp).

5. Edminster equation, egn. (37), was used to calculate the Pitzer acentric factor.

6. Wilson and Sandler [29] mixing rules, egns. (21) and (24), were used to

calcul ate the pseudo-components thermodynamic properties.

After these calculations we have a complete set of data to be used in our P-V-T
programs. Two programs were developed to calculate, bubble point and dew point
saturation pressures using the modified Peng-Robinson EOS [34] and several mixing
rules (vDW, WS, MWS MR). In both cases the program provides the saturation point
pressure plus the vapor-liquid equilibrium compositions. The bubble point pressure
program can be used to simulate our P-V experiments.

Our dew point calculation program was used to predict the values reported by Eilerts
et a. [64]. The authors reported experimental values for the OO-L-544 fluid. Thisfluid
is a gas condensate containing 90.162 mol% methane and 1.51 mol% C;* fraction. The
C;" fraction has a molecular weight of 167.3 and specific gravity of 0.8051. Fractional
distillation data are available up to Cy4. The compositional information was converted
into single carbon groups using the method reported by Whitson [53] and the procedure

reported above to calculate the thermodynamic properties of the pseudo-components.

Predicted dew pressures for three constant temperatures;, 300, 350 and 400 K, are
shown in Table 12. There is very good agreement between our predictions and
experimental data.

Table 13 shows a comparison between the experimental and calculated bubble point
pressures for different constant temperatures. We can see that the calculated results using
the oil compositions depicted in the Appendix agree well with the experimental data.
The calculated results also predict correctly the increase of saturation pressure as
temperature increases.

Table 14 shows a comparison among the oils A, E and F. The bubble pressure
increases as the temperature increases. The oil samples richer in the less volatile
component require less pressure to reach the saturation condition.
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Tables 15 to 18 show calculations done using severa oil samples, A, Eand F. In all
cases values of vapor phase molar fractions in equilibrium with a single liquid
composition are presented for different temperatures. The numerical calculations
reproduce our experiments. Oils A, E and F vary in composition and physical properties.
Tables 15, 16 and 17 present vapor-liquid equilibrium data for pure oil samples. The
results presented in Table 18 were calculated using a mixture of oil A with 20 g of
methane and 5 g of water. This mixture was called, oil G. The number of moles of the
added compounds was calculated and calculation of the new molar fractions was done.
The complete composition of oil B is presented in the Appendix. The values of all the
saturation pressures were included in the tables. Inspection of the results presented in
Table 18 shows that the calculated bubble pressures differ considerable from the
corresponding experimental results. The reason is the presence of two immiscible liquid
phases. The simulator used in this work is a two phase (vapor-liquid) one, therefore,
cannot capture the presence of the second liquid phase. It operates under the assumption
that all the water present is dissolved into the organic phase. This assumption contradicts

experimental results (Barrufet and Rahman [10]).

CONCLUSIONS

A modification of the Peng-Robinson equation of State (MPR EOS) has been
developed. This modification involves improved calculations of the volume trandation
term. A theoretically consistent modification of the Wong and Sandler mixing rules has
also been implemented (MWS MR). The combination of the modified EOS and the
improved mixing rules have been implemented in a process that allows calculations of P-
V-T behavior for fluid mixtures of interest in the oil industry. We have validated
extensively the modified EOS and the new mixing rules (MWS MR) determining phase
equilibria and physical properties of single components and binary and multicomponent
mixtures. Polar fluids, non-polar fluids and mixtures of both have been used to verify the
accuracy of the proposed procedure. Comparisons of the proposed mixing rules against
similar ones have shown an improvement in the accuracy of the caculated phase
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equilibrium diagrams. The proposed procedure has been successfully applied to
multicomponent mixtures even in presence of nitrogen, carbon dioxide and water. Good
agreement with reported vapor-liquid phase equilibrium data has been found.

A technique has been proposed to represent complex reservoir fluids. The
composition of the oil samples is represented by the C,, C,, Cs, C4, Cs, and Cg fractions
plus several pseudo-components obtained by splitting and lumping the C;* fraction. The
procedure developed by Whitson [53] allows straightforward calculation of the pseudo-
components. Riazi and Daubert [46] equations are used to compute the critical properties
while Edminster [49] equation is used to compute the Pitzer acentric factor. This
procedure provides al the required information to be entered into thermodynamic
simulators.

P-V-T behavior was studied using bubble and dew point computer programs based
upon the modified Peng-Robinson equation and the improved mixing rules. We also
conducted P-V-T experiments with several oil samples. We were able to reproduce
successfully the experimental results obtained with pure oil samples. Our simulators
were able to predict successfully the saturation pressure at constant temperature. They
also reported the composition at equilibrium of the vapor and liquid phases. Successful
agreement between computed and experimental vapor-liquid equilibrium data was
achieved in the cases where experimental information was available. This agreement
applied even to mixtures of twelve components involving nitrogen, carbon dioxide and
water. Our simulators were not successful in predicting the presence of more than two
phases in the experimental device. Thisisacommon problem that two phases simulators
face. The problem of water solubility in oil and the significant influence of this
phenomenon on phase equilibrium prediction is a current research subject.

In conclusion we have developed a complete technique to cal culate phase equilibrium
behavior of complex reservoir fluids. Our extensive results suggest that this technique
can be confidently incorporated into commercial simulators.
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Te

Ve

Zp

NOMENCLATURE

Energy parameter

Coefficients of egn, (12)

Excess Helmholtz free energy

Excluded-volume parameters

Experimental cross second virial coefficient

Additional volume correction term

Excess Gibbs free energy

lonization potential of component i.

Interaction second virial coefficient parameter egn. (25)

Pressure

Critical pressure

Gas constant
Absolute temperature
Normal boiling point
Critical temperature
Molar volume
Critical volume

Parameter of a-term Eqgn.(8)

molar fraction with n carbon number

Compressibility factor
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Greek Symbols

a

a12

112

a-term

NRTL parameter
Specific gravity
Fugacity Coefficient
Constant egn. (21)ED
NRTL parameter

Acentric factor

Abbreviations

EOCS
MPR EOS

MWS MR

PR EOS

vDW MR

WS MR

Equation of state
Modified Peng-Robinson EOS

Modified Wilson mixing rule
Peng-Robinson EOS
van Der Waals mixing rule

Wilson mixing rule
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TABLES

Table 1. Volume tranglation parameters and percentage deviation between experimental

and calculated results for saturated liquid (L) and vapor (V) densities.

Fluid Np s1 S2 AAD%(L) | AAD%(V)
Methane 22 4.7931 0.41 0.5 13
Ethane 18 5.0711 0.41 1.2 1.4
Propane 21 5.4937 0.41 1.4 2.4
Butane 25 5.6073 0.41 15 2.7
Pentane 27 4.4819 0.41 1.3 -
Hexane 26 2.9489 0.41 12 -
Heptane 28 0.7225 0.41 1.3 -
Octane 28 -1.9000 |0.41 15 -
Nonane 26 -2.8361 |041 15 -
Decane 17 -2.0389 041 2.6 -
Undecane 18 -7.4421 1041 4.7 -
Dodecane 18 -13.7956 |0.41 2.5 -
Tridecane 16 -11.6188 |0.41 4.0 -
Tetradecane 18 -21.7151 |0.41 2.5 -
Pentadecane 17 -15.2657 |0.41 4.0 -
Hexadecane 18 -31.4161 |0.41 45 -
Heptadecane 19 -38.3081 |0.41 4.4 -
Octadecane 19 -76.0498 |0.41 2.1 -
Nonadecane 18 -92.3445 |0.41 2.9 -
Eicosane 20 -112.9399 | 0.41 2.4 -
Propene 23 6.2970 0.41 1.1 0.9
Benzene 30 3.1684 0.41 13 5.22
Toluene 28 -11.3182 |0.41 4.9 -
H, 19 59619 |0.41 0.8 1.4
CO, 46 23996 |0.41 0.5 2.2
Kr 22 4.2314 0.41 1.0 2.4
H20 24 -3.4501 [0.41 15 1.2
O, 31 3.6736 0.41 1.0 1.2
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Table 2. Resultsfor vapor pressure and vapor phase composition using MPR EOS/MWS

MR.
System T,K |012 |T12 21 kij Np | AAD% Method
P Y
carbon dioxide/
propane 2776 (03 24223 | 0.1800 |0 10 (033 105 CR
0.3 |24223 [0.1800 |0.0001 |10 |0.33 1.05 |CR
0.3 |3.8405 | 0.6512 |0.0174 |10 |1.30 3.31 |WS
0.3 |1.2600 [-0.1800 |0.3730 |10 |248 275 |WS
methanol/water | 298.2 0.3 |-0.1662 |0.6462 |0 9 [341 220 |CR
0.3 |-0.1662 [0.6462 |0.0261 |9 |358 193 |CR
0.3 |-0.1662 [0.6462 |0.0555 |9 |510 5.40 |kiz-fit
0.3 |-0.1187 [0.6512 |0.0423 |9 |478 4.95 | 3pfit
3732 |03 |-0.5442 15017 |0 12 147 4.06 |CR
0.3 |-0.5442 [15017 |0.1104 |12 |1.13 3.76 |WS

Table 3. Comparison of vapor pressure and vapor phase composition from MPR
EOS/MWS MR™ and experiment

System T,K [912 [T12 1 kij=0 kij ++

AP% AY% |kitt  |AP% AY%
carbon dioxide/ 278 |03 |24261 |0.1779 | 03 1.1 |00001 | 03 1.1
propanel
ethane/hexane? 339 |03 (39141 |-1.8886| 29 09 [-00328| 18 09
butane/methanol3 |323 |03 |0.9607 |4.4623 | 1.3 66 |- - -
benzene/methanol4 | 308 |03  [1.1497 |1.9717 | 82 24 |01536 | 06 3.3




acetone/methanol® (298 | 0.3 12214 |-05071| 55 05 |0.1271 | 12 5.7
308 |0.3 15250 |-0.6521| 55 0.9 |0.1265 | 1.3 5.5

methanol/ethanol® 298 0.3 -0.0613 |0.0262 | 43 2.7 |0.0765 | 1.8 1.6

methanol/1- 208 |0.248 |1.3406 |-0.8213| 6.8 0.9 |0.1062 | 24 0.1

butanol /

methanol /waterd 208 |0.3 -0.1662 | 0.6462 | 34 22 100261 | 35 19
373 |0.3 -0.5442 |1.5017 | 1.5 41 10.0350 | 1.1 3.7

ethanol /water® 298 |0.036 [-2.2597 [3.9679 | 24 3.9 10.0300 | 1.6 15

In most cases, NRTL parameters are taken from DECHEMA. Otherwise, for afixed 042,
NRTL parameters 11, and 1, are determined by minimizing the error in the objective
function. 1-9 taken from literature.

Table4. Typical resultsfor a TBP test.

Component Ti Tf T mean AV (cm3) 2(AV) V % Off
Hypo1l 99 220 159.5 5.1 5.1 5.3
Hypo2 214 323 268.5 8.0 13.1 135
Hypo3 323 432 377.5 7.9 21.0 21.7
Hypo4 432 526 479 8.1 29.1 30.1
Hypo5 526 612 569 7.9 37.0 38.2
Hypo6 612 693 652.5 7.9 449 46.4
Hypo7 693 765 729 7.9 52.8 54.5
Hypo8 765 821 793 7.8 60.6 62.6
Hypo9 821 908 864.5 8.1 68.7 71.0
Hypo10 908 1010 959 5.2 73.9 76.3
Residual 22.9 96.8 100.0
Whole QOil 729

Residual Volume Left
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Table 5. Parameters for Riazi and Daubert [46] (Egns. (34) and (35)).

Form (1)
Constant Mw Tc (°R) Pc (psia) Ve (ft 3/ 1bm)
a 581.96 10.6443 6.162x10° 6.233x10™
b 0.97476 0.81067 -0.4844 0.7506
c 6.51274 0.53691 4.0846 -1.2028
d 5.43076x10* | -5.1747x10* | -4.725x10° -1.4679x10°
e 9.53384 -0.54444 -4.8014 -0.26404
f 1.11056x10° | 3.5995x10* | 3.1939x107 1.095x10°
Form (2)
Constant Tc(°R) Pc (psia) Ve (ft 3/ 1bm) Tb (°R)
a 544.4 4.5203x10™ 1.206x10° 6.77857
b 0.2998 -0.8063 0.20378 0.401673
c 1.0555 1.6015 -1.3036 -1.58262
d -1.3478x10* | -1.8078x10™* -2.657x10° 3.77409x10°
e -0.61641 -0.3084 0.5287 2.984036
f 0.0 0.0 2.6012x10°° -4.25288x10

Table 6. Grouping datafor characterization of fractions with up to 45 components.

Group

Molecular Weight

1

127

170

227

303

404

(27 I @2 B I~ B GO R B O

539
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Table 7. Bubble Point Pressure at Bubble Point point for crude oils A to F.

Temp. (0C) | Oil A Oil B Qil C Oil D Oil E Oil F
100 <14.7 2108 2079 2062 - -
125 36 2123 - - - -
150 45 2156 2179 2169 - -
175 62 2186 2249 2185 18.5 18
Table 8. Results for some selected binary mixtures
Mixture T P(bar) MR T12 21 K12 AP% | Ay%
(K)
CO,-Propane’ | 344 |28-58 | VDW |- - 0.1539 |05 |23
WS 10.6703 | 0.4098 | 0.4360 | 1.1 |22
MWS | 1.4006 |-0.1231|0.1363 |02 |15
CO,-Butane® 378 |16-74 |VDW |- - 0.1368 |09 |16
WS 8.3764 |-0.0521 | 0.3911 | 0.7 |35
MWS | 1.1847 |-0.2687 | 0.1127 | 0.8 |1.2
CO,-Pentane® 344 |4-91 |VDW |- - 0.1303 (29 |14
WS 10.6703 | 0.4098 | 0.4360 | 1.1 |22
MWS | 1.8977 |-0.4142 | 0.0560 | 0.6 |1.1
CO,-Hexane® 313 [875 |VDW |- - 0.1205 |22 |03
WS 1.7778 | -0.0406 | 0.1855 | 2.1 |0.1
MWS | 24251 |-0.2729 | 0.0417 |08 |0.1
CO,-Decane’ 462 |19-51 | VDW |- - 00134 [0.7 |05
WS 3.9161 |-0.1090 | 0.0989 | 1.0 |9.2
MWS | 1.1729 |-1.0072 [ 0.0989 |13 |05
CO,- 463 |20-51 | VDW |- - -0.0571 | 0.6 |0.1
Hexadecane® WS 1.2212 | 0.0075 | 0.2364 |13 |32
MWS | 1.0200 |-1.0012 | 0.1014 |18 |0.2
CO,- 313 [379 |VDW |- - 0.1292 [38 |07
Cyclopentane’ WS 04436 |0.7833 |0.3343 |27 |09
MWS | 1.6198 | 0.0273 | 0.0900 [0.9 |0.8
Acetone- 298 |0.1-03 | VDW |- - -0.0063 | 3.6 |6.7
Methanol® WS 1.1309 |-0.3653|0.1251 |[1.6 |3.3
MWS |0.9348 |-0.1572 | 0.0485 |03 |1.0
M ethane- 283 |6-152 |VDW |- - -0.1155 [ 79 |04
Pentane® WS 9.8650 | 0.0718 | 0.1000 | 9.0 |10.4
MWS | 1.4913 |-1.0494 | -04850 | 1.5 |15
M ethanol - 293 |0.1- VDW |- - 0.0739 (22 |45
Benzene™ 013 | WS 26167 |1.1040 | 0.0833 |26 |12
MWS | 2.1007 |0.7535 |0.1680 |22 |1.2
M ethanol - 373 |13 VDW |- - -0.0863 | 1.1 |20
Water'! WS 0.3200 |0.0988 | 0.0999 |20 |07
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MWS |0.0695 |0.0996 |0.1000 |11 |04
AcetoneWater” | 373 | 1-4 VDW | - - -0.1994 |13 |24
WS 0.9128 | 1.3046 | 0.2916 |18 |25
MWS |0.9341 |0.8676 |0.1755 | 1.8 |20
Acetone- 298 |0.1-04 | VDW |- - 00282 [1.7 |21
Benzene®® WS 0.2529 |0.1027 |0.1002 |17 |19
MWS |0.2287 |0.0955 |0.1004 |16 |1.9
Ethane-Hexane™ [ 339 |2-62 |VDW |- - -0.0039 | 109 | 14
WS -1.1240 | 0.6504 |0.3952 |13 |1.0
MWS |-1.2887 |0.9719 |-0.0086 |12 |0.9

1391, “[54], °[55], “[56], *[57], 571, [58], *[41], °[59], “[41], {35], “[60], (61,

14140].

Table 9. Resultsfor aternary mixture, acetone/methanol/water at 523K ™

Set N° T (K) P(bar) P(ba)  P(ba)  P(ba)
ex VDW WS MWS
523 6206 | 52.696 | 53568 | 60.940
523 5848 | 51125 | 50.926 | 57.305
3 523 5289 | 47500 | 46.224 | 50.523
SetN° | Component | X(ex) Y(ex) | Y(VDW) | Y(WS) |YMWS)
1 1 01370 | 02370 | 01801 | 02224 | 0.2828
2 00940 | 01480 | 01533 | 01546 | 0.1512
3 07690 | 0.6150 | 06666 | 06229 | 0.5661
2 00880 | 01920 | 01377 | 01628 | 02238
2 00840 | 01450 | 0.1518 | 01538 | 0.1549
3 08280 | 06630 | 07105 | 06834 | 0.6212
3 1 00430 | 01430 | 00964 | 00978 | 0.1492
2 0.0490 | 00950 | 01098 | 0.1059 | 0.1119
3 0.9080 | 0.7620 | 0.7938 | 0.7963 | 0.7389

+Experimental data are from Kato et al. [62].
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Table 10. Resultsfor aternary mixture, nitrogen/carbon dioxide/propane at 270K ™

Set N° T (K) P(bar) P(ba)  Pba)  P(bar)
EXp. VDW WS MWS

1 270 20 17.936 | 18505 | 18.800
2 270 60 61.806 | 53503 | 59.566
3 270 130 | 129560 | 127.310 | 129.865

Set N° Component X(exp.) Y(exp.) | Y(VDW) | Y(WS) | Y(MWS)

1 1 0.0286 0.6812 0.6592 0.6282 0.6679
2 0.0182 0.0676 0.0528 0.0598 0.0539
3 0.9532 0.2512 0.2888 0.3120 0.2783
2 1 0.1012 0.5894 0.5955 0.4768 0.5783
2 0.3038 0.2935 0.2879 0.3344 0.3038
3 0.5950 01171 01171 0.1888 0.1179
3 1 0.2663 0.8386 0.8521 0.7439 0.8614

0.0217 0.0192 0.0169 0.0307 0.0169

3 0.7120 0.1423 0.1310 0.2254 0.1217

+Experimental data are from Y ucelen and Kidnay [63].
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Table 11. Results for multicomponent mixtures

T, K Component X(ex) Y (ex) Y (VDW) Y(MWYS)
322 N, 0.00051 | 0002610 | 0002950 | 0002366
CO, 019275 | 0284870 | 0251429 | 0-296226
C 0.25660 | 0.659520 | 0.689775 | 0692733
C 002253 | 0020050 | 0021821 | 0020416
Cs 003103 | 0014200 | 0015205 | 0013030
C4 0.04853 | 0010290 | 0010478 | 0-009503
Cs 003392 | 0003710 | 0003596 | 0-002792
Co 0.02618 | 0001430 | 0001494 | 0001069
C, 0.04456 | 0001250 | 0001359 | 0-000826
Ce 0.04578 | 0000678 | 0.000712 | 0:000437
Cio 0.25967 | 0001370 | 0.001164 | 0.000597
Cu 0.03794 | 0000026 | 0.000017 | 0.000006
P (ex), bar 103.7 103.7
P (cal), bar 98.8 101.4
339 o, 068158 | 088304 | 0878025 | 0877137
c, 0.04082 | 008450 | 0087702 | 0090926
c 0.00495 | 000519 | 0005298 | 0.05926
c 0.01106 | 000620 | 0007482 | 0.08096
c, 0.01785 | 000703 | 0007000 | 0007615
o 001432 | 000362 | 0003546 | 0.003764
c 001235 | 000195 | 0001960 | 0.001881
c. 0.02168 | 000226 | 0002371 | 0.001909
c 0.02305 | 000154 | 0001633 | 0.001399
Cio 0.15023 | 000450 | 0.00483L | 0.001269
Cre 002211 | 000017 | 0.000153 | 0.00078
P (ex), bar 103.7 103.7
P (cal), bar 1015 104.4

+Experimental dataare from Turek et al., [2].
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Table 12. Dew point pressure calculations for fluid OO-L-544

Temperature (K) Pexperimenta (bar) Pealculated (bar)
300 395.0 389.0
350 375.0 371.0
400 330.0 327.5

Table 13. Bubble point pressure comparisons for oil A.

Oil A Oil A Oil E Oil E Oil F Oil F
(Experiment) | (Calculated) | (Experiment) | (Calculated) | (Experiment) | (Calculated)
Temp. Pressure Pressure Pressure Pressure Pressure Pressure
°C . S . S S S
O | o) (psi) (05) (psi) (psi) (psi)
100 <14.7 <14.7 <14.7 <14.7 <147 <14.7
125 36 38.0 <14.7 <14.7 <14.7 <14.7
150 45 52.3 <147 <147 <147 15.9
175 62 70.2 18.5 19.8 18.7 19.9
< 14.7 means pressure below atmospheric.
TABLE 14. Bubble point pressure comparisonsfor oilsA, E and F.
Oil A Oil E Oil F
Temperature (°C) Pressure (bar) Pressure (bar) Pressure (bar)

150 3.558 SP 1.028

175 4.776 1.347 1.352

200 6.268 1.821 1.760

225 9.956 2.426 2.265

250 12.085 3.185 2.883
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Table 15. Vapor-liquid equilibrium datafor oil A at different temperatures.

T (K) = 3983 4233 4483

Component X composition Y calculated Y calculated Y calculated
C 0.000510 0.1075 0.0800 0.0600
() 0.192750 0.1875 0.16040 0.1359
Cs 0.256600 0.1972 0.1811 0.1638
Cq 0.022530 0.1527 0.1531 0.1493
Cs 0.031030 0.1462 0.1588 0.1667
Cs 0.048530 0.0806 0.0979 0.1131
C; 0.033920 0.1231 0.1581 0.1919
Cs 0.026180 0.0048 0.0098 0.0178
Co 0.044560 0.0002 0.0006 0.0015
Cuo 0.259670 0.0000 0.0000 0.0000

P (bar) = 2,594 3573 4.792

Table 16. Vapor-liquid equilibrium datafor oil E at different temperatures.

T(K) = 448.3 498.3 523.3
Component X composition Y calculated Y calculated Y calculated
Ci 0.0002 0.03320 0.01814 0.01337
C 0.0018 0.14871 0.09903 0.07935
Cs 0.0054 0.19566 0.14496 0.12185
Ca 0.0097 0.18764 0.15695 0.13905
Cs 0.0132 0.14297 0.13500 0.12580
Ce 0.0163 0.07339 0.08190 0.08219
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C; 0.1309 0.15641 0.22907 0.25784

Co 0.2881 0.05814 0.12204 0.16003

Co 0.1592 0.00388 0.01289 0.02046

Cio 0.3752 0.00000 0.00002 0.00007
P (bar) = 1.347 2.426 3.185

Table 17. Vapor-liquid equilibrium datafor oil F at different temperatures.

T (K) = 448.3 498.3 523.3

Component X composition Y calculated Y calculated Y calculated
C 0.0009 0.1281 0.0756 0.0577
() 0.0024 0.1793 0.1296 0.1078
Cs 0.0045 0.1400 0.1112 0.0972
Cq 0.0077 0.1619 0.1457 0.1334
Cs 0.0097 0.1383 0.1404 0.1350
Cs 0.0125 0.0642 0.0778 0.0809
o 0.1481 0.1765 0.2801 0.3260
Cs 0.3368 0.0105 0.0341 0.0536
Co 0.0893 0.0013 0.0050 0.0084
Cuo 0.3881 0.0000 0.0000 0.0001

P (bar) = 1.352 2.265 2.883
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Table 18. Vapor-liquid equilibrium datafor oil B at different temperatures.

T (K) = 3983 4233 4483

Component X composition Y calculated Y calculated Y calculated
H>O 0.0590 0.0022 0.0040 0.0067
C 0.2694 0.8536 0.8063 0.7459
C, 0.0142 0.0197 0.0213 0.0224
Cs 0.0286 0.0260 0.0298 0.0332
Cs 0.0416 0.0228 0.0282 0.0340
Cs 0.0714 0.0311 0.0395 0.0491
Cs 0.0902 0.0145 0.0216 0.0311
C; 0.2587 0.0291 0.0466 0.0716
Cs 0.1020 0.0011 0.0026 0.0059
Co 0.0123 0.0000 0.0000 0.0002
Cio 0.0528 0.0000 0.0000 0.0000

P (bar) = 130.784 135.814 143.050
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Hydrocarbon Physical Properties (Katz & Firoozabadi)
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APPENDI X

The tables listed in the Appendix have been prepared in a such away to maximize the
amount of information in the minimum possible space. A brief explanation is provided
here. The first three columns list the single carbon number fractions (SCN) along with
the corresponding molar fractions and molecular weights obtained from the TBP tests.
The first six rows aso list the thermodynamic properties; Ty, T, P. ,Vc and w, for the
first six single carbon number fractions. The thermodynamic properties of the first four
fractions are constant for all the oil samples and we found only small variations on the
values of the fifth and sixth fractions, therefore, we used always the same values for the
first six fractions for al the oils considered in this work. The rows from the seventh on
present the thermodynamic properties corresponding to the pseudo-components
calculated using Whitson's procedure [53]. A small independent table on the right
bottom corner summarizes the information corresponding to the pseudo-components
including, number, molar fractions, molecular weights and thermodynamic properties.
The oil samplesthat are listed by number are data taken from Schou Pederssen et a. [51].

Table Al. Oil A Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Waeight (K) (K) (bar) | (cm*mol)

Cy 0.0047 16.0 111.7 | 190.6 45.4 98.0 0.008
C 0.0210 30.1 1845 | 3054 48.2 148.0 0.098
Cs 0.0423 43.5 231.1 | 369.8 41.9 203.0 0.152
Cy 0.0617 56.8 272.7 | 425.2 37.5 255.0 0.193
Cs 0.1058 71.1 309.2 | 469.6 33.3 304.0 0.231
Cs 0.1336 84.8 3419 | 507.4 29.3 370.0 0.296
C; 0.1135 88.1 372.0 | 540.5 26.9 427.8 0.353
Cs 0.0943 99.7 469.1 | 639.7 195 663.3 0.519
Co 0.0785 112.6 557.2 | 717.3 14.0 975.7 0.709

Cio 0.0544 131.8 7525 | 852.8 5.0 2796.7 1.430
Cu 0.0426 146.7

Cio 0.0363 160.1

Cis 0.0310 173.9

Cua 0.0278 186.0

Cis 0.0212 201.3 Number of Pseudo-components = 4

Cis 0.0186 212.9 MW Limits Comp. Molar Average

Range | Fractions | MW
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Ciz 0.0162 230.4 88.10 | 130.02 7-9 0.3529 98.46
Cis 0.0118 244.6 130.02 | 191.88 | 10-14 0.2928 157.50
Cio 0.0064 252.6 191.88 | 283.17 | 15-19 0.1289 219.66
Cxo 0.0783 417.9 283.17 | 417.90 20 0.1350 417.9

" Thermodynamic properties correspond to the pseudo-component fractions calculated on
the right bottom of the table.

Table A2. Oil E Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Weight (K) (K) (bar) | (cm*mol)

Cy 0.0002 16.0 111.7 | 190.6 45.4 98.0 0.008
C; 0.0018 30.2 1845 | 305.4 48.2 148.0 0.098
Cs 0.0054 44.1 231.1 | 369.8 41.9 203.0 0.152
Cy 0.0097 58.4 272.7 | 425.2 375 255.0 0.193
Cs 0.0132 72.5 309.2 | 469.6 33.3 304.0 0.231
Cs 0.0163 86.0 3419 | 507.4 29.3 370.0 0.296
C; 0.0198 90.6 417.7 | 589.1 23.2 528.9 0.426
Cg 0.0250 108.7 499.6 | 667.8 17.5 765.6 0.581
Cy 0.0295 122.6 572.7 | 730.2 13.1 1050.9 0.741

Cio 0.0566 1358 | 764.0 | 858.8 4.7 29779 | 1.490
Cu 0.0572 148.7

Cio 0.0549 161.8

Cis 0.0640 175.4

Cia 0.0581 191.1

Cis 0.0539 203.5 Number of Pseudo-components = 4

Cis 0.0487 214.8 MW Limits Comp. Molar Average

Range | Fractions | MW

Cyy 0.0412 231.0 90.60 | 13840 | 7-10 0.1309 124.70
Cis 0.0389 246.5 138.40 | 21140 | 11-15 | 0.2881 177.40
Cio 0.0304 258.6 211.40 | 323.00 | 16-19 | 0.1592 | 238.44
Cx 0.3752 493.4 323.00 | 493.40 20 0.3752 | 494.30

" Thermodynamic properties correspond to the pseudo-component fractions calculated on
the right bottom of the table.

Table A3. Oil F Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Weight (K) (K) (bar) | (cm*mol)
Ci 0.0009 16.0 111.7 | 190.6 454 98.0 0.008
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C 0.0024 30.3 1845 | 3054 48.2 148.0 0.098
Cs 0.0045 44.2 231.1 | 369.8 41.9 203.0 0.152
Cy 0.0077 58.3 272.7 | 425.2 37.5 255.0 0.193
Cs 0.0147 724 309.2 | 469.6 33.3 304.0 0.231
Cs 0.0175 86.5 3419 | 507.4 29.3 370.0 0.296
C; 0.0201 91.3 372.0 | 540.5 26.9 427.8 0.353
Cg 0.0283 1104 499.6 | 667.8 175 765.6 0.581
Co 0.0299 124.6 557.2 | 717.3 14.0 975.7 0.709
Cio 0.0456 134.7 7525 | 852.8 5.0 2796.7 1.430
Cu 0.0472 148.8
Ciz 0.0539 162.3
Ciz 0.0644 176.3
Cia 0.0691 189.4
Cis 0.0589 204.1 Number of Pseudo-components = 4
Cis 0.0418 217.2 MW Limits Comp. Molar Average
Range | Fractions | MW
Ci7 0.0487 233.4 91.3 | 14908 | 7-11 0.1711 129.82
Cis 0.0479 248.0 149.08 | 24342 | 12-17 0.3368 230.21
Cio 0.0414 261.3 243.42 | 347.47 | 18-19 0.0893 254.17
Cxo 0.3551 649.0 347.47 | 649.00 20 0.3551 649.00

" Thermodynamic properties correspond to the pseudo-component fractions calculated on
the right bottom of the table.

Table A4. Oil G Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Weight (K) (K) (bar) | (cm*mol)

H,O 0.0590 18.0 111.7 | 190.6 45.4 98.0 0.008
Cy 0.2694 16.0 111.7 | 190.6 454 98.0 0.008
C; 0.0142 30.1 1845 | 305.4 48.2 148.0 0.098
Cs 0.0285 43.5 2311 | 369.8 41.9 203.0 0.152
Cy 0.0416 56.8 272.7 | 425.2 375 255.0 0.193
Cs 0.0714 71.1 309.2 | 469.6 33.3 304.0 0.231
Ce 0.0902 84.8 3419 | 507.4 29.3 370.0 0.296
C; 0.0766 88.1 372.0 | 540.5 26.9 427.8 0.353
Cs 0.0636 99.7 469.1 | 639.7 19.5 663.3 0.519
Cy 0.0530 112.6 557.2 | 717.3 14.0 975.7 0.709
Ciwo 0.0367 131.8 7525 | 852.8 5.0 2796.7 1.430
Cu 0.0287 146.7
Cio 0.0245 160.1
Cis 0.0209 173.9
Cua 0.0188 186.0
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Cis 0.0143 201.3 Number of Pseudo-components = 4

Cis 0.0126 212.9 MW Limits Comp. Molar Average
Range | Fractions | MW

Ci7 0.0109 230.4 88.10 | 130.02 | 7-11 0.2587 108.67

Cis 0.0080 244.6 130.02 | 191.88 | 12-17 0.1020 148.54

Cig 0.0043 252.6 191.88 | 283.17 | 18-19 | 0.0123 | 219.66

Cxo 0.0528 417.9 283.17 | 417.90 20 0.0528 417.9

" Thermodynamic properties correspond to the pseudo-component fractions calculated on
the right bottom of the table.

Table A5. Oil 1 Composition and Properties

Component | Molar | Molecular | Ty Te Pc Ve W
Fractions | Weight | (K) (K) (bar) | (cm*mol)

C; 0.0013 16.00 111.7 190.6 45.4 98.0 0.008

Cy 0.0050 30.10 1845 | 3054 48.2 148.0 0.098

Cs 0.0047 44.10 2311 | 369.8 41.9 203.0 0.152

Cy 0.0117 58.10 272.7 | 425.2 375 255.0 0.193

Cs 0.0158 72.10 309.2 | 469.6 33.3 304.0 0.231

Ce 0.0189 86.20 341.9 507.4 29.3 370.0 0.296

C; 0.0534 90.90 399.7 | 570.3000 | 24.58 | 487.130 0.396

Cs 0.0854 105.00 | 483.45 | 653.1300 | 18.52 | 705.720 0.548

Co 0.0704 117.70 | 564.86 | 723.7000 | 13.56 | 1011.850 | 0.726

Ciuo 0.0680 132.00 | 662.69 | 806.0000 | 8.72 | 1398.140 | 1.022

Cu 0.0551 148.00 | 825.17 | 890.6100 | 3.20 | 3143.290 1.88

Cio 0.0500 159.00

Cis 0.0558 172.00

Cua 0.0508 185.00

Css 0.0380 197.00

Cis 0.0267 209.00

Cyy 0.0249 227.00

Cis 0.0214 243.00

Cio 0.0223 254.00

Cxo 0.0171 262.00

Cx 0.0142 281.00

Cx 0.0163 293.00

Cos 0.0150 307.00

Co 0.0125 320.00

Coxs 0.0145 333.00 Number of Pseudo-components =5

Cx MW Limits Comp. Molar Average
0.0133 346.00 Range | Fractions MW

Cy 0.0123 361.00 | 90.90 | 133.6300| 7-10 | 0.2772 114.83

Cos 0.0115 374.00 | 133.63| 19643 |11-14| 0.2117 165.80
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Cy 0.0109 381.00 | 19643 | 288.76 |15-21| 0.1646 231.19
Cao 0.1828 624.00 | 288.76 | 42448 |22-29| 0.1063 335.89
424.49 624 30 0.1191 624.00

" Thermodynamic properties correspond to the pseudo-component fractions calculated on

the right bottom of the table. Data from Schou Pedersen et al. [51].

Table A6. Oil 2 Composition and Properties

Component | Molar | Molecular Tp Te Pe Ve W
Fractions | Weight (K) (K) (bar) | (cm®mol)

Cy 0.0000 16.00 111.7 190.6 45.4 98.0 0.008
C 0.0001 30.1 184.5 305.4 48.2 148.0 0.098
Cs 0.0047 44.1 231.1 369.8 41.9 203.0 0.152
Cy 0.0209 58.1 272.7 425.2 37.5 255.0 0.193
Cs 0.1876 72.1 309.2 469.6 33.3 304.0 0.231
Cs 0.0437 86.2 341.9 507.4 29.3 370.0 0.296
C; 0.0900 92.3 391.41 | 561.5100 | 25.3 | 468.780 0.383
Cs 0.1071 105.9 | 487.25 | 656.6200 | 18.3 | 717.360 0.555
Cy 0.0732 120.3 | 576.75| 733.5700 | 12,9 | 1072430 | 0.749

Ciuo 0.0623 133.0 | 720.82 |810.1700| 7.9 | 1407.900 | 1.026

Cu 0.0550 148.0 | 820.08 | 887.9600 | 3.3 | 3037.110 | 1.844
Ciz 0.0514 163.0

Cis 0.0443 177.0

Cia 0.0480 190.0

Cis 0.0381 204.0

Cis 0.0282 217.0

Ci7 0.0333 235.0

Cis 0.0234 248.0

Cig 0.0266 260.0

Cxo 0.0418 269.0

Cau 0.0171 283.0

Cx» 0.0148 298.0

Ca 0.0156 310.0

Co 0.0113 322.0

Cos 0.0112 332.0 Number of Pseudo-components =5

Cx MW Limits Comp. Molar Average

0.0097 351.0 Range | Fractions MW
Cy 0.0110 371.0 9230 | 13474 | 7-10 | 0.3326 110.46
Cos 0.0073 3820 | 134.74| 196.71 |11-14| 0.1987 168.49
Co 0.0088 3940 | 196.71| 287.17 |15-21| 0.2085 242.30
Cao 0.0811 612.0 | 287.17| 419.22 |22-29| 0.0897 338.29
419.22 | 612.00 30 0.0811 612.00

" Thermodynamic properties correspond to the pseudo-component fractions calculated on

the right bottom of the table. Data from Schou Pedersen et al. [51].
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Table A7. Oil 4 Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Weight (K) (K) (bar) | (cm*mol)

Cy 0.0003 16.0 111.7 | 190.6 45.4 98.0 0.008
C 0.0013 30.1 1845 | 3054 48.2 148.0 0.098
Cs 0.0036 44.1 231.1 | 369.8 41.9 203.0 0.152
Cy 0.0074 58.1 272.7 | 425.2 375 255.0 0.193
Cs 0.0152 72.1 309.2 | 469.6 33.3 304.0 0.231
Cs 0.0266 86.2 3419 | 507.4 29.3 370.0 0.296
C; 0.0925 89.8 387.56 | 557.38 | 25.57 460.42 0.378
Cs 0.1714 101.4 44595 | 617.42 21.07 599.72 0.475
Co 0.1190 116.1 570.84 | 728.66 | 13.22 104154 | 0.738

Cio 0.0800 134.0 756.00 | 854.78 4.89 2788.09 1.449
Cu 0.0605 148.0

Ciz 0.0526 161.0

Cis 0.0570 175.0

Cia 0.0427 189.0

Cis 0.0379 203.0 Number of Pseudo-components = 4

Cis MW Limits Comp. Molar Average

0.0286 216.0 Range | Fractions | MW

Ci7 0.0282 233.0 89.80 | 13654 | 7-10 0.4630 108.47
Cis 0.0198 248.0 136.54 | 207.62 | 11-15 | 0.2510 141.31
Cig 0.0204 260.0 207.62 | 31568 | 16-19 | 0.0970 | 236.73
Cxo 0.1350 480.0 315.68 | 480.00 20 0.1350 | 480.00

" Thermodynamic properties correspond to the pseudo-component fractions calculated on

the right bottom of the table. Data from Schou Pedersen et al. [51].

Table A8. Oil 5 Composition and Properties

Molecular

Component | Molar T Te Pc Ve w
Fractions | Weight (K) (K) (bar) | (cm*mol)
Ci 0.0005 16.0 111.7 | 1906 | 454 98.0 0.008
C, 0.0037 30.1 1845 | 3054 | 482 148.0 0.098
Cs 0.0117 44.1 2311 | 369.8 | 41.9 203.0 0.152
C, 0.0193 58.1 2727 | 4252 | 375 255.0 0.193
Cs 0.0236 72.1 309.2 | 469.6 | 333 304.0 0.231
Cs 0.0247 86.2 3419 | 507.4 | 293 370.0 0.296
C; 0.0652 888 | 37282 | 5414 | 26.83 | 429.42 0.354
Cs 0.0858 101.8 | 47097 | 6415 | 1934 | 668.76 0.523
Co 0.0486 116.1 | 556.61 | 716.85 | 14.04 | 973.24 0.708
Cio 0.0280 133.0 | 723.18 | 837.51 6 1783.69 | 1.278

69




Cu 0.0298 143.0

Ciz 0.0308 154.0

Ciz 0.0364 167.0

Cia 0.0363 181.0

Cis 0.0359 195.0 Number of Pseudo-components = 4

Cis MW Limits Comp. Molar Average

0.0304 207.0 Range | Fractions MW

Ciz 0.0360 225.0 88.80 | 13119 | 7-9 0.1996 | 101.0356
Cis 0.0325 242.0 131.19 | 19381 | 10-14 | 0.1613 | 157.3323
Cig 0.0307 253.0 193.81 | 286.32 | 15-19 | 0.1655 |223.7184
Cxo 0.3881 423.0 286.32 | 423.00 20 0.3881 | 423.0000

" Thermodynamic properties correspond to the pseudo-component fractions calculated on

the right bottom of the table. Data from Schou Pedersen et al. [51].

Table A9. Oil 6 Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Weight (K) (K) (bar) | (cm*mol)

Cy 0.0002 16.0 111.7 | 190.6 454 98.0 0.008
C 0.0020 30.1 1845 | 3054 48.2 148.0 0.098
Cs 0.0085 44.1 231.1 | 369.8 41.9 203.0 0.152
Cy 0.0160 58.1 272.7 | 425.2 37.5 255.0 0.193
Cs 0.0211 72.1 309.2 | 469.6 33.3 304.0 0.231
Ce 0.0239 86.2 3419 | 507.4 29.3 370.0 0.296
C; 0.0641 88.8 374.13 | 542.84 | 26.72 432.13 0.356
Cs 0.0884 101.8 47045 | 641 19.38 667.24 0.522
Co 0.0566 116.1 558.76 | 718.64 | 13.92 983.07 0.713

Cio 0.0376 133.0 716.27 | 833.91 6.26 1730.53 1.245
Cu1 0.0365 143.0

Ciz 0.0366 154.0

Cis 0.0465 167.0

Cia 0.0439 181.0

Cis 0.0451 195.0 Number of Pseudo-components = 4

Cis MW Limits Comp. Molar | Average

0.0386 209.0 Range | Fractions MW

Ci7 0.0424 229.0 88.80 | 13033 | 7-9 0.2091 101.69
Cis 0.0383 245.0 130.33 | 191.27 | 10-14 | 0.2011 156.98
Cig 0.0353 258.0 191.27 | 280.72 | 15-19 | 0.1997 | 225.65
Cxo 0.3181 412.0 280.72 | 412.00 20 0.3181 | 412.00

" Thermodynamic properties correspond to the pseudo-component fractions calculated on

the right bottom of the table. Data from Schou Pedersen et al. [51].
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Table A10. Oil 6 Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Weight (K) (K) (bar) | (cm*mol)

Cy 0.0000 16.0 111.7 | 190.6 45.4 98.0 0.008
C; 0.0011 30.1 1845 | 3054 48.2 148.0 0.098
Cs 0.0121 44.1 231.1 | 369.8 41.9 203.0 0.152
Cy 0.0474 58.1 272.7 | 425.2 375 255.0 0.193
Cs 0.0524 72.1 309.2 | 469.6 33.3 304.0 0.231
Ce 0.0549 86.2 3419 | 507.4 29.3 370.0 0.296
C; 0.0983 92.8 391.35 | 561.44 | 25.26 468.64 0.383
Cs 0.1065 106.3 4995 | 667.73 | 17.49 756.16 0.581
Co 0.0710 120.9 580.54 | 736.72 | 12.67 1093.2 0.756

Cio 0.0606 134.0 789.18 | 871.87 4.06 2500.5 1.654
Cu 0.0508 148.0

Cio 0.0420 161.0

Cis 0.0447 175.0

Cua 0.0341 189.0

Cis 0.0325 203.0 Number of Pseudo-components = 4

Cie 00270 | 216.0 MW Limits gg;“g% Fg’g:gns A‘,(Aerv?/ge
Cyy 0.0283 233.0 9280 | 14440 | 7-10 0.3364 | 110.43
Cis 0.0204 248.0 14440 | 22468 | 11-16 | 0.2311 | 177.31
Cio 0.0230 260.0 224.68 | 349.61 | 17-19 | 0.0717 | 24593
Cxo 0.1988 544.0 349.61 | 544.00 20 0.1988 | 544.00

" Thermodynamic properties correspond to the pseudo-component fractions calculated on

the right bottom of the table. Data from Schou Pedersen et al. [51].

Table A11. Oil 9 Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W

Fractions | Weight (K) (K) (bar) | (cm*mol)
C; 0.0000 16.0 111.7 | 190.6 45.4 98.0 0.008
C, 0.0017 30.1 1845 | 3054 48.2 148.0 0.098
Cs 0.0129 44.1 2311 | 369.8 41.9 203.0 0.152
Cy 0.0246 58.1 272.7 | 425.2 37.5 255.0 0.193
Cs 0.0283 72.1 309.2 | 469.6 33.3 304.0 0.231
Cs 0.0281 86.2 3419 | 507.4 29.3 370.0 0.296
C; 0.0621 90.5 387.21 | 557 25.6 459.64 0.376
Cs 0.0716 104.2 487.39 | 656.75 | 18.26 7117.79 | 0.556
Co 0.0505 119.2 563.73 | 722.77 | 13.63 1006.43 | 0.723
Cio 0.0329 134.0 738.24 | 845.35 5.47 1910.84 1.353
Cu1 0.0467 149.0
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Ci 0.0345 164.0

Cis 0.0434 176.0

Cua 0.0387 188.0

Cis 0.0449 203.0 Number of Pseudo-components = 4

. Comp. Molar | Average

Cis 00281 | 2140 MW Limits Rangpe Frections | MW
Cyy 0.0360 232.0 9250 | 13484 | 7-10 0.2171 | 108.29
Cis 0.0308 248.0 134.80 | 200.91 | 11-14 | 0.1633 | 168.59
Cio 0.0367 259.0 200.91 | 299.34 | 15-19 | 0.1765 | 230.16
Cxo 0.3436 446.0 299.34 | 446.00 20 0.3436 | 448.00

" Thermodynamic properties correspond to the pseudo-component fractions calculated on
the right bottom of the table. Data from Schou Pedersen et al. [51].

Table A12. Oil 11 Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Weight (K) (K) (bar) | (cm*mol)
C; 0.0000 16.0 111.7 | 190.6 45.4 98.0 0.008
C; 0.0010 30.1 1845 | 3054 48.2 148.0 0.098
Cs 0.0012 44.1 2311 | 369.8 41.9 203.0 0.152
Cy 0.0021 58.1 272.7 | 425.2 37.5 255.0 0.193
Cs 0.0021 72.1 309.2 | 469.6 33.3 304.0 0.231
Cs 0.0045 86.2 3419 | 507.4 29.3 370.0 0.296
C; 0.0121 90.8 406.93 | 577.89 24 503.59 0.408
Cs 0.0187 106.5 | 498.88 | 667.17 | 1753 | 754.12 0.58
Co 0.0195 122.0 571.68 | 729.36 | 13.17 1045.85 | 0.739
Cio 0.0556 135.0 752.50 | 852.80 5.01 2047.81 1.427
Cu1 0.0472 149.0
Cio 0.0549 162.0
Cis 0.0640 176.0
Cua 0.0681 189.0
Cis 0.0539 202.0 Number of Pseudo-components = 4
- Comp. Molar | Average
Cae 00358 | 2130 MW Limits Rangrze Frections | MW
Cyy 0.0487 230.0 90.50 | 137.18 | 7-10 0.1259 | 118.73
Cis 0.0489 244.0 137.18 | 207.24 | 11-15 | 0.2881 | 176.85
Cio 0.0404 256.0 207.24 | 31310 | 16-19 | 0.1538 | 237.52
Cxo 0.3976 473.0 313.10 | 473.00 20 0.3976 473

" Thermodynamic properties correspond to the pseudo-component fractions calculated on
the right bottom of the table. Data from Schou Pedersen et al. [51].
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Table A13. Oil 14 Composition and Properties

Component | Molar | Molecular Tp Te Pc Ve W
Fractions | Weight (K) (K) (bar) | (cm*mol)
Cy 0.0000 16.0 111.7 | 190.6 45.4 98.0 0.008
C; 0.0004 30.1 1845 | 3054 48.2 148.0 0.098
Cs 0.0041 44.1 231.1 | 369.8 41.9 203.0 0.152
Cy 0.0135 58.1 272.7 | 425.2 375 255.0 0.193
Cs 0.0247 72.1 309.2 | 469.6 33.3 304.0 0.231
Cs 0.0322 86.2 3419 | 507.4 29.3 370.0 0.296
C; 0.0763 91.0 389.59 | 559.56 25.4 464.82 0.38
Cs 0.1010 104.1 48591 | 655.39 | 18.36 713.23 0.553
Co 0.0678 118.5 563.57 | 722.63 | 13.64 1005.65 | 0.723
Cio 0.0552 134.0 736.50 | 844.40 5.53 1895.09 1.344
Cu 0.0460 148.0
Cio 0.0411 161.0
Cis 0.0444 176.0
Cua 0.0370 189.0
Cis 0.0354 203.0 Number of Pseudo-components = 4
. Comp. Molar | Average
Cis 00297 | 216.0 MW Limits Rangpe Frections | MW
Cyy 0.0309 233.0 9250 | 13533 | 7-10 0.3003 | 109.52
Cis 0.0250 248.0 135.33 | 201.23 | 11-14 | 0.1685 | 167.55
Cio 0.0277 260.0 201.23 | 299.25 | 15-19 | 0.1487 | 230.01
Cxo 0.3034 445.0 299.25 | 445.00 20 0.3034 | 445.00

" Thermodynamic properties correspond to the pseudo-component fractions calculated on

the right bottom of the table. Data from Schou Pedersen et al. [51].

73




	Prairie View, TX 77429	College Station TX, 77204
	
	
	
	DISCLAIMER




	TABLE OF CONTENTS
	
	
	
	
	INTRODUCTION	8
	APPARATUS AND EXPERIMENTAL SET-UP	9
	Introduction	12
	Modified Peng-Robinson Equation of State (MPR EOS)	15
	Modified Wong-Sandler Mixing Rule(MWS MR)	17
	HEAVY OIL FRACTION CHARACTERIZATION	23
	Whitson’s Lumping Scheme	28
	EXPERIMENTAL RESULTS	29
	PHASE EQUILIBRIUM RESULTS	30




	APPARATUS AND EXPERIMENTAL SET-UP
	The laboratory set-up consists of three main parts:

	I –Vacuum System.  The vacuum system consists of a vacuum pump, two traps to protect the vacuum pump from liquid, and tubing.
	
	
	
	
	
	CONCLUSIONS



	NOMENCLATURE



	Greek Symbols
	Abbreviations
	Oil A (Experiment)


