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Disclaimer 

 
This report was prepared as an account of work sponsored by an agency of the United 

States Government.  Neither the United States Government nor any agency thereof, nor 
any of their employees, makes any warranty, express or implied, or assumes any legal 

liability or responsibility for the accuracy, completeness, or usefulness of any 
information, apparatus, product, or process disclosed, or represents that its use would 

not infringe privately owned rights.  Reference herein to any specific commercial 
product, process, or service by trade name, trademark, manufacturer, or otherwise does 

not necessarily constitute or imply its endorsement, recommendation, or favoring by 
the United States Government or any agency thereof.  The views and opinions of 

authors expressed herein do not necessarily state or reflect those of the United States 
Government or any agency thereof. 
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ABSTRACT 
 

Our CO2-affinity material synthesis activities thus far have offered two base 

materials suitable for hydrogen production via low temperature water gas shift reaction 

(LTS-WGS) with concomitant removal of CO2 for sequestration.  They include (i) a 

nanoporous CO2-affinity membrane and (ii) a hydrotalcite based CO-affinity 

adsorbent. These two materials offer a commercially viable opportunity for 

implementing an innovative process concept termed the hybrid adsorbent -membrane 

reactor (HAMR) for LTS-WGS, proposed by us in a previous quarterly report. A 

complete mathematical model has been developed in this quarter to describe the 

HAMR system, which offers process flexibility to incorporate both catalysts and 

adsorbents in the reactor as well as permeate sides.  In comparison with the 

preliminary mathematical model we reported previously, this improved model 

incorporates “time” as an independent variable to realistically simulate the unsteady 

state nature of the adsorptive portion of the process. In the next quarterly report, we 

will complete the simulation to demonstrate the potential benefit of the proposed 

process based upon the performance parameters experimentally obtained from the 

CO2-affinity adsorbent and membrane de veloped from this project.    
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1. INTRODUCTION 

 

  A preliminary mathematical model was developed and summarized in one of our 

previous quarterly reports, 4th quarter 2003, for the use of the CO2-affinity membrane as a 

separator and reactor.  In this report, we summarize our continuous effort in this area, specifically 

for its application in water gas shift (WGS) reaction.  Our membrane synthesis activities thus far 

have offered two types of membranes suitably as membrane reactors for improving the efficiency 

of WGS for hydrogen production with the concomitant CO2 removal for sequestration. The 

permeation properties of these membranes are listed as follows: 

 

• Hydrotalcite based inorganic membranes with CO2 affinity.  Our progress thus far has 

indicated that defects of the membranes remain, which degrade selectivity significantly.  

Although the selectivity obtained thus far has been significant, i.e., beyond the Knudsen 

selectivity of ~0.79 for CO2/N2,, we believed that this level of selectivity is not 

economically attractive for the proposed application. Synthesis activity is on-going to 

minimize defects and then upgrade its selectivity. 

• Inorganic membranes with CO2 affinity.  CO2 permeance in the range of 0.3 to 1.5 

m3/m2/hr/bar has been prepared for the temperature up to 300ºC.  However, due to its 

porous structure, the membrane also shows significant hydrogen permeance, in the range 

of 1 to ca.4 m3/m2/hr/bar at the same temperature range. This membrane is presently 

ready for further development in scale -up and process optimization.  

 

For the purpose of identifying commercialization opportunities for the next phase study, we will 

focus on the use of hydrotalcite as a CO2-adsorbent in conjunction with the nanoporous CO2 

affinity membrane to develop a dual-enhanced process, i.e., both adsorption and membrane, to 

improve the hydrogen production efficiency while deliver a concentrate CO2 stream for 

sequestration.  Through simulation we will demonstrate that this dual enhanced process concept 

takes the full advantage of the CO2 adsorbent and membrane we have developed thus far to meet 

the original project objectives.  

 

2. EXECUTIVE SUMMARY 

While our synthesis is on-going with the focus on the defect minimization, we have 

resumed our simulation activity to identify the commercialization opportunities with materials 

developed this far.  Our CO2-affinity material synthesis activities thus far have offered two base 
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materials suitable for hydrogen production via low temperature water gas shift reaction (LTS-

WGS) with concomitant removal of CO2 for sequestration.  They include (i) a CO2-affinity 

membrane and (ii) a hydrotalcite based CO-affinity adsorbent. These two materials offer a 

commercially viable opportunity for implementing an innovative process concept termed the 

hybrid adsorbent-membrane reactor (HAMR) for LTS-WGS, proposed by us in a previous 

quarterly report. A complete mathematical model has been developed to describe the HAMR 

system, which offers process flexibility to incorporate both catalysts and adsorbents in the reactor 

as well as permeate sides.  In comparison with the preliminary mathematical model we reported 

previously, this improved model incorporates “time” as an independent variable to realistically 

simulate the unsteady state nature of the adsorptive portion of the process. In the next quarterly 

report, we will complete the simulation to demonstrate the potential benefit of the proposed 

process based upon the performance parameters experimentally obtained from the CO2-affinity 

adsorbent and membrane developed from this project.  Our simulation will focus on the yield and 

purity of (i) the hydrogen stream as a product and (ii) the CO2 stream for sequestration.   
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3. EXPERIMENTAL: LITERATURE REVIEW ON HYBRID REACTOR 

 

Reactive separation processes have been attracting renewed interest for application in 

catalytic steam reforming primarily. They include packed-bed catalytic membrane reactors10-15, 

and more recently adsorptive reactor (AR) processes16-26. Their potential advantages, over the 

more conventional reformers have been widely discussed. They include, (i) increasing reactant 

conversion and product yield, through shifting the equilibrium towards the products, potentially 

allowing one to operate under milder operating conditions (e.g., lower temperatures and 

pressures, and reduced steam consumption), and (ii) reducing the downstream purification 

requirements by in-situ separating from the reaction mixture the desired product hydrogen (in the 

case of membrane reactors), or the undesired product CO2 (in the case of adsorptive reactors).   

Membrane reactors (MR) show substantial promise in this area and, typically, utilize 

nanoporous inorganic or metallic Pd or Pd-alloy membranes15. The latter are better suited for pure 

hydrogen production. However, metallic membranes are very expensive, and become brittle 

during reactor operation13, or deactivate in the presence of sulfur or coke. Nanoporous 

membranes are better-suited for the steam-reforming environment. They are difficult to 

manufacture, however, without cracks and pinholes, and as a result often have inferior product 

yield. In addition, the hydrogen product in the permeate side contains substantial amounts of 

other by-products, particularly CO, and may require further treatment for use in fuel-cell-powered 

vehicles.  

Adsorptive methane steam reforming reactors also show good potential16-20. The 

challenge here, however, is in matching the adsorbent properties with those of the catalytic 

system. Two types of adsorbents have been suggested: potassium-promoted layered-double 

hydroxides (LDH), which operate stably only at lower temperatures (less than 500 °C 25-27), and 

CaO or commercial dolomite, which can be utilized at the typical steam reforming temperatures 

of 650 – 700 °C21, but requires temperatures higher than 850 °C for regeneration23-24. These are 

very harsh conditions that result in gradual deterioration of the adsorbent properties, and 

potentially sintering of the reforming catalyst9,23-24. The mismatch between the reaction and 

regeneration conditions is likely to result in significant process complications.  

Based upon the above literature review, what we propose for use is a novel reactor 

system, termed the hybrid adsorbent-membrane reactor (HAMR). Our HAMR system involves a 

hybrid packed-bed catalytic membrane reactor, coupling the water-gas-shift reaction through a 

gas separation membrane with a CO2 adsorption system. Our porous CO2-affinity membrane and 
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the hydrotalcite based CO2-adsorbent will be utilized here for the proposed HAMR. This HAMR 

system could potentially exhibit behavior which is more advantageous than either the membrane 

or the adsorptive reactor, in terms of attaining a nearly complete conversion at the LTS range for 

improving the hydrogen production efficiency and reducing CO contaminant level. In addition, 

the HAMR system allows potentially greater process flexibility than either the membrane or the 

adsorptive reactor system, which could benefit the CO2 sequestration. For example: 

• The HAMR system with the CO2-adsorbent packed in the reactor and/or permeate sides 

allows the concentration of CO2 in the adsorbed phase for disposal during the 

regenerative phase. Membranes with a strong H2 affinity will be recommended here.  

• The HAMR system with the CO2-adsorbent packed in the permeate side promotes CO2 

permeation from the reaction side by maintaining the low partial pressure of CO2 in the 

permeate side. Membranes with both CO2 and H2 affinities will be recommended here.  

• The HAMR system with the CO2-adsorbent packed in the permeate side can deliver a 

high purity hydrogen as a product stream while removing both WGS reaction products, 

i.e., CO2 and H2, to promote the WGS conversion substantially. Membranes with both 

CO2 and H2 affinities will be recommended here.  

 

The HAMR was originally proposed by our group1-2, 28, couples the reaction and membrane 

separation steps with adsorption on the reactor and/or membrane permeate side. The HAMR 

system investigated previously involved a hybrid pervaporation membrane reactor system, and 

integrated the reaction and pervaporation step through a membrane with water adsorption. 

Coupling reaction, pervaporation and adsorption significantly improved the performance. Most 

recently, Elnashaie and coworkers7,29-32 mathematically analyzed the behavior of a circulating 

fluidized-bed HAMR system utilizing Pd membranes. This reactor is assumed to operate at 

steady-state by recirculating the catalyst and adsorbent through a second reactor for regeneration. 

The ability of Pd membranes to withstand the rigors of the fluidized-bed steam-reforming 

environment and of the adsorbents to undergo continuous recirculation and regeneration still 

remain the key challenges. In addition, this system is not well-suited for on-board or small-scale 

applications. 

In this quarterly report, an improved mathematical model for the HAMR system based 

upon the previous work (xxxx), primarily with the incorporation of time as an independent 

variable, is presented for simulating the three opportunities identified above. In the next quarterly 

report, we will complete the simulation to demonstrate the unique advantages of using the CO2-

affinity adsorbent and membrane developed from this project. 
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4. RESULTS AND DISCUSSION 

 

4.1. Kinetics for water-gas-shift reaction 

For the water gas shift reaction, we utilize a catalytic reaction scheme first proposed by 

Xu and Froment8 , which has since found wide-spread application for steam reforming reaction. 

The rate expression, heat of reaction, and the thermodynamic constant for the WGS are shown in 

Table 1. The kinetic parameters, as reported by Xu and Froment8, are shown in Table 2. 

Formation rates for the H2, CO and CO2 products and the disappearance rates for H2O are given 

by the following equations:  

RH2 = r2        (1) 

RCO = -r2        (2) 

RCO2= +r2        (3) 

RH2O =  -r2        (5) 

 

4.2. The mathematical model of the HAMR system 

 

A schematic of the HAMR system is shown in Fig. 1. In this figure the catalyst and 

adsorbent are packed in the feed side of the membrane (signified by the superscript F, for feed 

side), with additional adsorbent also packed in the interior of the membrane volume (signified by 

the superscript P, or permeate side). Of course, there are many options for this proposed reactor, 

as previously noted. For example, the catalyst may be loaded in the feed side, while the adsorbent 

may be loaded in the permeate side. Or the catalyst and adsorbent may only be loaded in the feed 

side, with no adsorbent or catalyst being present in the permeate side. To simplify matters, in the 

development of the model we assume that the reactor operates isothermally, that external mass 

transfer resistances are negligible for the transport through the membrane as well as for the 

catalysts, and that internal diffusion limitations for the catalyst, and internal or external transport 

limitations for the adsorbent, are accounted for by overall rate coefficients. Moreover, plug-flow 

conditions are assumed to prevail for both the permeate and feed sides of the membrane, as well 

as ideal gas law conditions.     

In the simulations reported here we utilize the experimentally-measured transport 

characteristics of a microporous inorganic membrane with the affinity to CO2. However, due to 

the presence of the micropores, this membrane also demonstrartes significant affinity to H2. 

Through membrane synthesis, the relative contribution between CO2 and H2 permeances can be 
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tailored within a certain range for a particular application.  The selectivity between CO2/H2 will 

be part of our simulation study.   Mass transfer through the porous membrane is described by the 

following empirical equation: 

)( P
j

F
jjj PPUF −=          (6) 

where Fj is the molar flux (mol/m2.s), F
jP the partial pressure of component j on the membrane 

feed side (bar), P
jP the partial pressure of component j on the membrane permeate side (bar), and 

Uj  the membrane permeance for component j (mol/m2.bar.s). The membranes are highly 

permselective towards hydrogen, and CO2 while rejecting CO effectively.  

The mass balance on the feed side of the reactor packed with the WGS catalyst and, 

potentially, an adsorbent is described by the following equations for CO2, CO, H2, H2O, and an 

inert species (potentially used as a sweep gas or a blanketing agent: 
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In the above equation F
jn is the molar flow rate (mol/s) for species j, F

jC is the gas phase 

concentration (kmol/m3) equal to )/( FF
j Qn , where FQ is the volumetric flowrate (m3/s). V is the 

feed side reactor volume variable (m3), AF the cross sectional area for the reactor feed side (m2), 

αm the membrane area per feed side reactor volume (m2/m3), F
bε  the bed porosity on the feed 

side , Fε the total feed side bed porosity (it includes the bed porosity and the catalyst porosity), 

cβ the fraction of the solid volume occupied by catalysts ( 1=cβ , when no adsorbent is present 

), cρ the catalyst and aρ  the adsorbent densities (kg/m3), and F
jR  the reaction rate expression, 

which is either described by Equations 1-5 above (mol/kg.s), or is equal to zero if j is an inert 

species.  Assuming that the adsorbent only adsorbs CO2, 
F
jG is zero for all other components 

except CO2. F
LD  (m2/s) is the axial dispersion coefficient described by the following equation34: 
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du
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du
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49.91

5.0
73.0

+
+=                                                   (8) where F

mD  is molecular 

diffusivity (m2/s), Fu is velocity at feed side (m/s), and F
Pd  is the particle diameter in feed side 

(m).  

One finds a number of approaches in the literature for describing F
COG

2
. Ideally, one 

would like to account explicitly for both external and internal mass transport, and finite rates of 

adsorption. Such an approach goes beyond the scope of this preliminary investigation. 

Traditionally, in the modeling of adsorptive reactors, simpler models have been utilized, instead22, 

27. Two such models have received the most attention. They are, (i) the model based on the 

assumption of an instantaneous local adsorption equilibrium (ILE) between the gas and the 

adsorbent phases 2, 22, 27,28, and (ii) the linear driving force models (LDF), according to which35 
F
COG

2
 is described by the following expression: 

)(
2 ssa

F
CO

s CCkG
dt

dC
eq

−==         (9) 

where 
eqsC  is the adsorption equilibrium CO2 concentration on the adsorbent (mol/kg) 

corresponding to the prevailing gas-phase concentration, sC  is the existing adsorbed CO2 

concentration (mol/kg), and ka (s-1) is a parameter which “lumps” together the effects of external 

and intraparticle mass transport and the sorption processes, and which, as a result, is often a 

strong function of temperature and pressure27 – though, typically, in modeling it is taken as 

temperature/pressure independent. Previously we showed that the CO2 adsorption on this 

adsorbent follows a Langmuir adsorption isotherm under both dry and wet conditions, described 

by the following equation. 

22

222

1 COCO

COCOCO
s Pb

Pbm
C

eq +
=          (10) 

where 
2COm  (mol/kg) is the total adsorbent capacity, and 

2COb (bar-1) the adsorption equilibrium 

constant, which is described by the van’t Hoff equation  

))/1/1(/exp()( 0022
TTRHTbb aCOCO −∆−=       (11) 

The heat of adsorption aH∆  (kJ/mol) under wet conditions for a region of temperatures from 481 

-753 K was calculated to be -17 kJ/mol, while 
2COb at 673 K is equal to 23.6 bar 27.  
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 Equations 7 and 9 must be complemented by initial and boundary conditions. For 

simplicity, we assume here that the reactor, prior to the init iation of the reaction/adsorption step, 

has undergone a start-up procedure as described by Ding and Alpay22, which involves, (i) heating 

up the reactor to the desired temperature under atmospheric pressures by feeding H2 in the reactor 

feed side and the chosen sweep gas on the permeate side; (ii) supplying water to the system so 

that the feed H2O:H2 ratio is the same with the H2O:CO ratio to be used during the reaction step; 

(iii) pressurizing the feed and permeate side to the desired pressure conditions, and (iv) switching 

from H2 to CO to initiate the reaction/adsorption step. In the simulations the conditions prevailing 

at the start of step of step (iv) are those prevailing at steady state during step (iii). In addition, 

during step (iv) the following conventional boundary conditions prevail 16-20:  
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where Fu0 is the inlet superficial velocity (m/s), RV  the total reactor volume (m3), F
jx  the mole 

fraction and F
jx 0  the inlet mole fraction for species j.  

Assuming that the catalyst and adsorbent particles have the same size, the pressure drop 

in a packed bed can be calculated using the Ergun equation:  
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F
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F
PF Gd

N
µ
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where, PF is the feed side pressure (bar), FP0  the inlet feed side pressure, µF the viscosity (Pa.s), 

F
Pd the particle diameter in feed side (m), FF

F
F
m uG ρ=  the superficial mass flow velocity in the 

feed side (kg/m2.s), F
Fρ  the density of the fluid (kg/m3), and cg  the gravity conversion factor 

equal to one in SI units. 
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 During the initial simulation, we assume that no adsorbent or catalyst is present in the 

permeate side. For the permeate side, the following equation is, therefore, utilized:  

( ) 
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where 
P

F

A
A

k = , PA being the cross-sectional area on the permeate side (m2), and P
LD  (m2/s) is 

the axial Taylor-Aris dispersion coefficient on the permeate side36 given as 
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where P
mD  is the molecular diffusivity (m2/s), Pu is the velocity at the permeate side (m/s) and 

P
td  is membrane inside diameter (m). In the simulations, the conditions prevailing in the 

permeate side at the start of step (iv) are those prevailing at steady state during step (iii). In 

addition, during step (iv) the following conditions prevail in the permeate side, 

P
L

F

P
j

P
j

PP
j

DA

xxu

V

x
V

)(
-            ;0 @ 00 −

=
∂

∂
=       (16a) 

0          ; @ =
∂

∂
=

V

x
VV

P
j

R                         (16b)   where P
jx is 

the mole fraction, P
jx 0  the inlet mole fraction for species j on the permeate side and Pu0  the 

superficial flow velocity (m/s) at the inlet. Since no adsorbent or catalyst is present in the 

permeate side, we ignore any potential pressure drops. 

 The reactor conversion (based on methane, which is typically the limiting reagent) is 

defined by the following equation: 
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where F
COn  is the inlet molar flow rate of CO, and F
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hydrogen is defined by the following equation: 
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where F
exHn ,2

 and P
exHn ,2

are, respectively the hydrogen molar flow rates at the exit of the reactor 

feed and permeate sides, and F
Hn

02
 and P

Hn
02
 the H2 molar flow rates potentially present at the 

inlet of the reactor feed and permeate sides (mol/s). 

Equations 6-18 can be written in dimensionless form by defining the following variables 

and groups: 
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The dimensionless equations equivalent to Eqs. (7 -18) are  
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P
P
j

P
jP

P
j

F
xx

Dax
x

xx

k ωλ
δ

η
ξ

η
ξ

η
ξ
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







∂
Ψ∂












∂
∂

Ψ
Θ+

∂
∂

Θ
ηηη

PP
j

P
P

P
jP xx 1

22

2

;  j=1,2,..., n-1     (21) 

∑ 







−

Ψ
Ψ

Ω
+

∂
Ψ∂

Ψ
−=

∂
∂

j

P
jP

F
F
jj

P

P

PP

xx
Da

ω
δ

λη
ξ

η
ξ

     (22) 

∑ΨΞ−=
∂
Ψ∂

j
F
j

FF
F

x αξ
η

2)(        (23) 

F
S

F
S

F
S

eqd
d

θθ
τ

θ
−=          (24) 

( )
F
CO

ex
PPP

COex
FFF

CO
F
CH

CO x

xxx
X

0

04
() ωξλξ Ψ+Ψ−

=      (25) 

F
CO

P
Hex

PPP
H

F
Hex

FFF
H

H x

xxxx
Y

0

022022

2

)()(

4
1 λωωξλξ −Ψ+−Ψ

×=     (26) 

where, in dimensionless form 

)('
2

F
s

F
seq

F
COG θθ −=          (27) 

FF
COCO

FF
COCOF

seq x

x

Ψ+

Ψ
=

22

22

1 β

β
θ         (28) 

and R’j are dimensionless forms of Ri that are described by Eqs. (1-5) above with the 

dimensionless form of the rates r’1 – r’3 shown in Table 3. Equations (20) and (22) that express 

the dimensionless velocity distributions are obtained by overall mass balances on the in the feed 

and permeate side.  In the absence of substantial pressure drop in the permeate side in Eq. 

(21), 1=Ψ P , and 0=
∂
Ψ∂
η

P

. The initial conditions at the start of the adsorption/reaction step are 

those prevailing during step 3 previously described. In addition, the following boundary 

conditions also apply:    

1  ;  1    0;@  ; 0 ===> PF ??ητ        (29a) 

1   ;  1 PF == ξξ          (29b)   

nixx
x F

j
F
jF

F
j ..., ,2 ,1  );(

1
- 0 =−

Θ
=

∂

∂

η
       (29c)  

nixx
x P

j
P
jP

P
j  ..., ,2 ,1  );(

1
- 0 =−

Θ
=

∂

∂

η
       (29d) 
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0  ;1 @ ;0 =
∂

∂
=>

η
ητ

F
jx

        (30a) 

0   =
∂

∂

η

P
jx

          (30b) 

where, 
∑
∑

∑
∑ == F

j

P
j

F
j

P
j

x

x

n

n
s

0

0

0

0 λω  is the sweep ratio for the membrane reactor. 

The system of coupled non-linear partial differential Equations (19-24) and 

accompanying boundary conditions has been solved in MATLAB using the method of lines 

(MOL) 37, 38.  The system of partial differential equations were converted to a set of ordinary 

differential equations by discretizing the spatial derivative in η  direction using a five-point 

biased upwind finite differences scheme to approximate the convective term. A fourth-order 

central differences scheme has been used to approximate the diffusive term. For finite 

differences, the reactor volume was divided into n sections with (n+1) nodes. The initial value 

ordinary differential equations and other explicit algebraic equations at a time τ  were 

simultaneously solved using ’ode45.m’, a MATLAB built-in solver for initial value problems for 

ordinary differential equations. 

 

5. CONCLUSIONS 

 

The HAMR system we proposed can potentially take the full advantage of the CO2-based 

adsorbent and membrane developed from this project for improving hydrogen production 

efficiency with concomitant CO2 removal for sequestration purpose.   A complete mathematical 

model has been developed to describe the HAMR system, which offers process flexibility to 

incorporate both catalysts and adsorbents in the reactor as well as permeate sides.  In comparison 

with the preliminary mathematical model we have developed previously, this improved model 

incorporate time as an independent variable to realistically simulate the unsteady state nature of 

the adsorptive process. In the next quarterly report, we will complete the simulation to 

demonstrate the potential benefit of the proposed process based upon the performance parameters 

obtained from the CO2-affinity adsorbent and membrane developed from this project.     
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Acronyoms : 

 

AF  cross sectional area for the reactor feed side (m2) 

AP  cross sectional area for the reactor permeate side (m2) 

2COb   Langmuir model adsorption equilibrium constant for CO2 (bar-1)  

Cj
F  gas phase concentration of species j in the feed side (kmol/m3) 

Cj
P  gas phase concentration of species j in the permeate side (kmol/m3) 

Cs  solid phase concentration of CO2 (mol/kg) 

Cseq  equilibrium solid phase concentration of CO2 (mol/kg)  

Da  Damkohler number (dimensionless) 

DL
F  axial dispersion coefficient in the feed side (m2/s)   

DL
P  axial dispersion coefficient in the permeate side (m2/s) 

Dm
F  molecular diffusivity in feed side(m2/s)  

Dm
P  molecular diffusivity in permeate side (m2/s) 

dt
p  membrane inside diameter (m) 

dp
F  particle  diameter in feed side (m) 
Ff   friction factor (dimensionless) 

Fj  molar flux (mol/m2.s) 

gc  gravity conversion factor  
F
mG   superficial mass flow velocity in the feed side (kg/m2.s) 
F
jG '   dimensionless adsorption rate for species j  

Gj
F  adsorption rate for species j (mol/kg.s) 

Ha  Hatta number (dimensionless) 

k  AF/AP 

ka  LDF mass transfer coefficient (s-1)  

KH2O  dissociative adsorption constant of water 

K'CO  dimensionless kinetic parameter (dimensionless) 

Keq2  equilibrium constant of reaction II in Table 1. (dimensionless) 

mCO2  Langmuir model total adsorbent capacity constant for CO2 (mol/kg) 

MWj  molecular weight of species j 
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NF
Re  Reynolds number for feed side  

F
jn
0
  inlet molar flow rate for feed side (mol/s) 

P
jn
0
  inlet molar flow rate for permeate side (mol/s) 

nj
F  molar flow rate for component j in the feed side (mol/s) 

nj
P  molar flow rate for component j in the permeate side (mol/s) 

nF
i,ex molar flow rates at the exit of the reactor  for component i in the feed 

side (mol/s) 

nP
i,ex 

 

molar flow rates at the exit of the reactor for component i in the 

permeate side (mol/s) 

P0
F  inlet feed side pressure(bar) 

Pe  Peclet Number 

PF  feed side pressure (bar) 

Pj
F  partial pressure of component j in the membrane feed side (bar) 

Pj
P  partial pressure of component j in the membrane permeate side (bar) 

Q0
F  volumetric flow rate (m3/s) 

R  ideal gas constant (m3.bar/mol.K) 

ri  rate of reaction for ith equation (kmol/kg.s) 

ri'  dimensionless rate of reaction for ith equation 

Rj  reaction rate expression for species j (kmol/kg.s) 

R’j  dimensionless reaction rate expression for species j 

s  sweep ratio 

t  time (second) 

T  absolute temperature (K) 

T0  reference temperature (K) 

u0
F  superficial flow velocity at the inlet on feed side (m/s) 

u0
P  superficial flow velocity at the inlet on permeate side (m/s) 

uF  superficial flow velocity on feed side (m/s) 

uP  superficial flow velocity on permeate side (m/s) 

Uj  membrane permeance for component j (mol/m2.bar.s) 

V  reactor volume (m3) 

VR  total reactor volume (m3) 
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Wc  catalyst weight (kg) 

4CHX   methane conversion (dimensionless) 
F
jx
0
  inlet mole  fraction for species j in the feed side 

P
jx
0
  inlet mole fraction for species j in the permeate side 

xj
F  mole fraction for species j in the feed side 

xj
P  mole fraction for species j in the permeate side 

yj  mole fraction of component j 

2HY   hydrogen yield (dimensionless) 

 

 

Subscripts 

0  entrance condition 

ads  adsorbent condition 

eq.  equilibrium 

ex  exit 

j  chemical species 

 

Superscripts 

F  feed side 

P  permeate side 

 

 

Greek Letters 

mα   membrane area per feed side reactor volume (m2/m3) 

jα   MWj/MWH2 

cβ   fraction of the reactor volume occupied by catalysts 

2COβ   
F

CO Pb 02
(dimensionless) 

γ   αττ F (dimensionless) 
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aH∆   heat of adsorption  (kJ/mol)  

jδ   separation factor (dimensionless) 
Fε   total feed side bed porosity 
F
bε   bed porosity in the feed side 

Fξ   
FF uu 0 (dimensionless) 

Pξ   
PP uu 0 (dimensionless) 

η   RVV (dimensionless)  

FΘ   R
FF

L
FF

b VuDA 0ε (dimensionless) 

PΘ   R
PP

L
F VuDA 0  (dimensionless) 

F
sθ   2CO

F
s mC ,(dimensionless)  

F
seqθ   2CO

F
seq mC ,(dimensionless)  

Λ   DaHa  (dimensionless) 

λ   
FFPP uAuA 00 (dimensionless) 

Fµ   viscosity (Pa.s) 

Ξ   ))((10
2

2
0

6 RTdgAVMWuf F
pc

F
RH

FF− (dimensionless)  

aρ   adsorbent density (kg/m3) 

cρ   catalyst density (kg/m3) 
F
Fρ   fluid density (kg/m3) 

τ   tk a (dimensionless)  

Fτ   
FF

R
F uAV 0ε (dimensionless) 

ατ   
1)( −

ak  (dimensionless) 

FΨ   
FF PP 0 (dimensionless)  

PΨ   
PP PP 0 (dimensionless)  

Ω   (Da)(Pe)  (dimensionless) 
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ω   
FP PP 00 (dimensionless)  
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Table 1 
Rate expressions and thermodynamic properties for the water gas shift reaction 
 
i reactions     rate expressions   heat of reaction at 298K    equilibrium 
constant, Keqi 
         ∆HR

0 (kJ/mol) 
      
 

1 222 HCOOHCO +⇔+  
( )2

2

2

2

22

2

2

DEN
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PP
PP

P
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r
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OHCO
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
−

=     15.41−  



 +−=

T
K eq

400,4
036.4exp2  

 
 

2 2 4 4 2 2 2
1 /CO CO H H CH CH H O H O HDEN K P K P K P K P P= + + + + ⋅  
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Table 2 
Kinetic parameters for the water gas shift reaction 8 
 
kinetic  pre-exponential activation energies or units 
parameters terms, ki0, Ki0 heats of chemisorption, 
    Ea, ∆H, kJ/mol 
 
 
k2  1.955x106 67.13   kmol/kg-cat/hr/bar 
 

COK   8.23x10-5  -70.65   bar-1 

2HK   6.12x10-9  -82.90   bar-1 

OHK
2   1.77x105  88.68   - 
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Table 3 
Dimensionless rate expressions for the water gas shift reaction 

 
i reactions                             rate expressions     
     
 

1 222 HCOOHCO +⇔+     
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Figure 1. Schematic diagram of a HAMR system. 
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