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ABSTRACT

Our CO-affinity material synthesis activities thus far have offered two base
materials suitable for hydrogen production via low temperature water gas shift reaction
(LTS'WGS) with concomitant removal of CO; for sequestration. They include (i) a
nanoporous CO,-affinity membrane and (ii) a hydrotalcite based CO-affinity
adsorbent. These two materials offer a commercially viable opportunity for
implementing an innovative process concept termed the hybrid adsorbent -membrane
reactor (HAMR) for LTS-WGS, proposed by us in a previous quarterly report. A
complete mathematical model has been developed in this quarter to describe the
HAMR system, which offers process flexibility to incorporate both catalysts and
adsorbents in the reactor as well as permeate sides. In comparison with the
preliminary mathematical model we reported previoudly, this improved model
incorporates “time” as an independent variable to realistically simulate the unsteady
state nature of the adsorptive portion of the process. In the next quarterly report, we
will complete the simulation to demonstrate the potential benefit of the proposed
process based upon the performance parameters experimentally obtained from the

CO.-affinity adsorbent and membrane de veloped from this project.
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1. INTRODUCTION

A préeliminary mathematical model was developed and summarized in one of our
previous quarterly reports, 4" quarter 2003, for the use of the CO,-affinity membrane as a
separator and reactor. In this report, we summarize our continuous effort in this area, specifically
for its application in water gas shift (WGS) reaction. Our membrane synthesis activities thus far
have offered two types of membranes suitably as membrane reactors for improving the efficiency
of WGS for hydrogen production with the concomitant CO, removal for sequestration. The
permestion properties of these membranes are listed as follows:

Hydrotalcite based inorganic membranes with CO, affinity. Our progress thus far has
indicated that defects of the membranes remain, which degrade selectivity significantly.
Although the selectivity obtained thus far has been significant, i.e., beyond the Knudsen
selectivity of ~0.79 for CO,/N,,, we believed that this level of sdlectivity is not
economically attractive for the proposed application. Synthesis activity is on-going to
minimize defects and then upgrade its selectivity.

Inorganic membranes with CO, affinity. CO, permeance in the range of 0.3to 1.5
m’/n/hr/bar has been prepared for the temperature up to 300°C. However, dueto its
porous structure, the membrane also shows significant hydrogen permeance, in the range
of 1to ca.4 m*/nt/hr/bar at the same temperature range. This membrane is presently
ready for further development in scale-up and process optimization.

For the purpose of identifying commercialization opportunities for the next phase study, we will
focus on the use of hydrotalcite as a CO,-adsorbent in conjunction with the nanoporous CO,
affinity membrane to develop a dua-enhanced process, i.e., both adsorption and membrane, to
improve the hydrogen production efficiency while deliver a concentrate CO, stream for
sequestration. Through simulation we will demonstrate that this dual enhanced process concept
takes the full advantage of the CO, adsorbent and membrane we have devel oped thus far to meet
the original project objectives.

2. EXECUTIVE SUMMARY

While our synthesisis on-going with the focus on the defect minimization, we have
resumed our simulation activity to identify the commercialization opportunities with materials
developed thisfar. Our CO,-affinity materia synthesis activities thus far have offered two base



materials suitable for hydrogen production vialow temperature water gas shift reaction (LTS
WGS) with concomitant removal of CO, for sequestration. They include (i) a CO,-&ffinity
membrane and (ii) a hydrotalcite based CO-affinity adsorbent. These two materias offer a
commercidly viable opportunity for implementing an innovative process concept termed the
hybrid adsorbent-membrane reactor (HAMR) for LTS'WGS, proposed by usin a previous
quarterly report. A complete mathematical model has been devel oped to describe the HAMR
system, which offers process flexibility to incorporate both catalysts and adsorbents in the reactor
aswell as permeate sides. In comparison with the preliminary mathematical model we reported
previoudly, thisimproved model incorporates “time” as an independent variable to redlistically
simulate the unsteady state nature of the adsorptive portion of the process. Inthe next quarterly
report, we will complete the simulation to demonstrate the potential benefit of the proposed
process based upon the performance parameters experimentally obtained from the CO,-affinity
adsorbent and membrane developed from this project. Our simulation will focus on the yield and
purity of (i) the hydrogen stream as a product and (ii) the CO, stream for sequestration.



3. EXPERIMENTAL: LITERATURE REVIEW ON HYBRID REACTOR

Reactive separation processes have been attracting renewed interest for gpplication in
catalytic steam reforming primarily. They include packed-bed catalytic membrane reactors™®*®,
and more recently adsorptive reactor (AR) processes'®?°. Their potential advantages, over the
more conventional reformers have been widdly discussed. They include, (i) increasing reactant
conversion and product yield, through shifting the equilibrium towards the products, potentially
allowing one to operate under milder operating conditions (e.g., lower temperatures and
pressures, and reduced steam consumption), and (ii) reducing the downstream purification
requirements by in-situ separating from the reaction mixture the desired product hydrogen (in the
case of membrane reactors), or the undesired product CO, (in the case of adsorptive reactors).

Membrane reactors (MR) show substantial promise in this area and, typically, utilize
nanoporous inorganic or metallic Pd or Pd-alloy membranes™. The latter are better suited for pure
hydrogen production. However, metallic membranes are very expensive, and become brittle
during reactor operation'®, or deactivate in the presence of sulfur or coke. Nanoporous
membranes are better-suited for the steam-reforming environment. They are difficult to
manufacture, however, without cracks and pinholes, and as a result often have inferior product
yield. In addition, the hydrogen product in the permeate side contains substantial amounts of
other by-products, particularly CO, and may require further treatment for use in fuel-cell-powered
vehicles.

Adsorptive methane steam reforming reactors also show good potential®*. The
challenge here, however, isin matching the adsorbent properties with those of the cataytic
system. Two types of adsorbents have been suggested: potassium-promoted layered-double
hydroxides (LDH), which operate stably only at lower temperatures (less than 500 °C ***"), and
Ca0 or commercial dolomite, which can be utilized at the typical steam reforming temperatures
of 650 — 700 °C**, but requires temperatures higher than 850 °C for regeneration”**. These are
very harsh conditions that result in gradua deterioration of the adsorbent properties, and
potentially sintering of the reforming catalyst®****. The mismatch between the reaction and
regeneration conditions is likely to result in significant process complications.

Based upon the above literature review, what we propose for use is a novel reactor
system, termed the hybrid adsorbent-membrane reactor (HAMR). Our HAMR system involves a
hybrid packed-bed catalytic membrane reactor, coupling the water-gas-shift reaction through a
gas separation membrane with a CO, adsorption system. Our porous CO,-affinity membrane and



the hydrotal cite based CO,-adsorbent will be utilized here for the proposed HAMR. ThisHAMR
system could potentially exhibit behavior which is more advantageous than either the membrane
or the adsorptive reactor, in terms of attaining a nearly complete conversion at the LTS range for
improving the hydrogen production efficiency and reducing CO contaminant level. In addition,
the HAMR system alows potentially greater process flexibility than either the membrane or the
adsorptive reactor system, which could benefit the CO, sequestration. For example:

- The HAMR system with the CO,-adsorbent packed in the reactor and/or permeste sides
allows the concentration of CO, in the adsorbed phase for disposal during the
regenerative phase. Membranes with a strong H, affinity will be recommended here.

- The HAMR system with the CO,-adsorbent packed in the permeate side promotes CO,
permeation from the reaction side by maintaining the low partia pressure of CO, inthe
permeate side. Membranes with both CO, and H, affinities will be recommended here.

- The HAMR system with the CO,-adsorbent packed in the permesate side can deliver a
high purity hydr ogen as a product stream while removing both WGS reaction products,
i.e., CO, and H,, to promote the WGS conversion substantially. Membranes with both

CO, and H, affinitieswill be recommended here.

The HAMR was originally proposed by our group*> 2%, couples the reaction and membrane
separation steps with adsorption on the reactor and/or membrane permesate side. The HAMR
system investigated previously involved a hybrid pervaporation membrane reactor system, and
integrated the reaction and pervaporation step through a membrane with water adsorption.
Coupling reaction, pervaporation and adsorption significantly improved the performance. Most

recently, Elnashaie and coworkers'?**2

mathematically analyzed the behavior of acirculating
fluidized-bed HAMR system utilizing Pd membranes. This reactor is assumed to operate at
steady-state by recirculating the catalyst and adsorbent through a second reactor for regeneration.
The ability of Pd membranes to withstand the rigors of the fluidized-bed steam-reforming
environment and of the adsorbents to undergo continuous recirculation and regeneration till
remain the key challenges. In addition, this system is not well-suited for on-board or small-scale
applications.

In this quarterly report, an improved mathematical model for the HAMR system based
upon the previous work (xxxx), primarily with the incorporation of time as an independent
variable, is presented for simulating the three opportunities identified above. In the next quarterly
report, we will complete the smulation to demonstrate the unique advantages of using the CO,-
affinity adsorbent and membrane developed from this project.



4. RESULTSAND DISCUSSION

4.1.Kineticsfor water-gas-shift reaction

For the water gas shift reaction, we utilize a catalytic reaction scheme first proposed by
Xu and Froment®, which has since found wide-spread application for steam reforming reaction.
The rate expression, hesat of reaction, and the thermodynamic constant for the WGS are shown in
Table 1. The kinetic parameters, asreported by Xu and Froment®, are shown in Table 2
Formation rates for the H,, CO and CO, productsand the disappearance rates for H,O are given
by the following equations:

Riz=r2 @
Reo = 12 @)
Reox= +12 3
Ri2o = 12 ()

4.2. The mathematical model of the HAMR system

A schematic of the HAMR system is shown in Fig. 1. In thisfigure the catalyst and
adsorbent are packed in the feed side of the membrane (signified by the superscript F, for feed
side), with additiona adsorbent also packed in the interior of the membrane volume (signified by
the superscript P, or permesate side). Of course, there are many options for this proposed reactor,
as previously noted. For example, the catalyst may be loaded in the feed side, while the adsorbent
may be loaded in the permeate side. Or the catalyst and adsorbent may only be loaded in the feed
side, with no adsorbent or catalyst being present in the permeate side. To simplify matters, in the
development of the model we assume that the reactor operates isothermally, that external mass
transfer resistances are negligible for the transport through the membrane as well asfor the
catalysts, and that internal diffusion limitations for the catalyst, and interna or external transport
limitations for the adsorbent, are accounted for by overall rate coefficients. Moreover, plug-flow
conditions are assumed to prevail for both the permeate and feed sides of the membrane, as well
asidea gaslaw conditions.

In the ssimulations reported here we utilize the experimental ly-measured transport
characteristics of a microporous inorganic membrane with the affinity to CO,. However, dueto
the presence of the micropores, this membrane also demonstrartes significant affinity to H,.
Through membrane synthesis, the relative contribution between CO, and H, permeances can be



tailored within a certain range for a particular application. The selectivity between CO,/H, will
be part of our simulation study. Mass transfer through the porous membrane is described by the
following empirical equation:

_ F P
Fi=U;(F - P) (6)
where F; is the molar flux (mol/nft.s), F’jF the partial pressure of component j on the membrane

feed side (bar), F‘jF> the partia pressure of component j on the membrane permeate side (bar), and

U; the membrane permeance for component j (mol/nT.bar.s). The membranes are highly
permselective towards hydrogen, and CO, while rgjecting CO effectively.

The mass balance on the feed side of the reactor packed with the WGS catayst and,
potentialy, an adsorbent is described by the following equations for CO,, CO, H,, H,O, and an
inert species (potentially used as a sweep gas or a blanketing agent:

S LI +(1- eF)or RF - (1- €f J1- b)r ,G"
e W ﬂ_v__am j(j - j) _eb crc i - _eb - c)ra j
CF .s
+ebF(AF)2i§eDfﬂ—’% i=12,....n 0
Y, ™

In the above equation N is the molar flow rate (mol/s) for speciesj, C! isthe gas phase

concentration (kmol/nt’) equal to (N} /Q"), where QF isthe volumetric flowrate (ni's). Visthe

feed side reactor volume variable (m?), A" the cross sectional area for the reactor feed side (nt),

anthe membrane area per feed side reactor volume (mf/n7’), e the bed porosity on the feed

dde, e thetotal feed side bed porosity (it includes the bed porosity and the catalyst porosity),

b, the fraction of the solid volume occupied by catalysts (b, = 1, when no adsorbent is present
), I .thecatalyst and r , the adsorbent densities (kg/nt’), and RjF the reaction rate expression,

which is either described by Equations 1-5 above (mol/kg.s), or is equal to zero if j isan inert

species. Assuming that the adsorbent only adsorbs CO,, GjF is zero for al other components

except CO,. D[ (mf/s) isthe axial dispersion coefficient described by the following equation™:
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Dl =0.73D} + (8) where D, ismolecular

1+9.49

diffusivity (mf/s), u” isvelocity at feed side (m/s), and d; is the particle diameter in feed side
(m).

One finds a number of approaches in the literature for describing Ggoz . Idedlly, one

would like to account explicitly for both external and internal mass transport, and finite rates of
adsorption. Such an approach goes beyond the scope of this preliminary investigation.
Traditionally, in the modeling of adsorptive reactors, simpler models have been utilized, instead™
% Two such models have received the most attention. They are, (i) the model based on the
assumption of an instantaneous local adsorption equilibrium (ILE) between the gas and the

2222128 and (ii) the linear driving force models (LDF), according to which™

adsorbent phases
GCF02 is described by the following expression:

dC
s =G, =k, (C
dt CO, a(

seq_Cs) (9)

where CSeq is the adsorption equilibrium CO, concentration on the adsorbent (mol/kg)

corresponding to the prevailing gas-phase concentration, C, is the existing adsorbed CO,
concentration (mol/kg), and k (%) is a parameter which “lumps’ together the effects of externd
and intraparticle mass transport and the sorption processes, and which, as aresult, is often a
strong function of temperature and pressure — though, typically, in modeling it is taken as
temperature/pressure independent. Previoudy we showed that the CO, adsorption on this
adsorbent follows a Langmuir adsorption isotherm under both dry and wet conditions, described
by the following equation.

e
where m, (mol/kg) is the total adsorbent capacity, and b, (bar™) the adsorption equilibrium
constant, which is described by the van't Hoff equation

Beo, = beo, (To) €xp(- DH , / R/T - 1/T,)) (12)
The hest of adsorption DH, (kJmol) under wet conditions for aregion of temperatures from 481

-753 K was calculated to be -17 kImol, while b, at 673 K is equal to 23.6 bar *'.



Equations 7 and 9 must be complemented by initia and boundary conditions. For
smplicity, we assume here that the reactor, prior to the initiation of the reaction/adsorption step,
has undergone a start-up procedure as described by Ding and Alpay??, which involves, (i) heating
up the reactor to the desired temperature under atmospheric pressures by feeding H, in the reactor
feed side and the chosen sweep gas on the permeate side; (ii) supplying water to the system so
that the feed H,O:H,, ratio is the same with the H,O:CO ratio to be used during the reaction step;
(i) pressurizing the feed and permeste side to the desired pressure conditions, and (iv) switching
from H, to CO to initiate the reaction/adsorption step. In the simulations the conditions prevailing
at the start of step of step (iv) are those prevailing at steady state during step (iii). In addition,
during step (iv) the following conventional boundary conditions prevail **%°:

™ ug (Xjo- X])

V =0; =- 12
@ v A DF (123
‘ﬂx

where uf istheinlet superficial velocity (m/s), V, thetotal reactor volume (n), xjF the mole
fraction and xJ.FO the inlet mole fraction for species|.

Assuming that the catalyst and adsorbent particles have the same size, the pressure drop
in a packed bed can be caculated using the Ergun equation:

P f7(GE)

- =106 m/ 13
dv Afgdirf 13
a v=0, P* =P/ (13a)

Qe 150(1-
fr=G"% %175 Feb )¢ (13b)
N
eb Re ﬂ
N/, <500(L- ) (1)
dEGF
Nge = Fr’nF (13d)

where, P" isthe feed side pressure (bar), P, the inlet feed side pressure, ni the viscosity (Pa.s),
d; the particle diameter in feed side (m), G- =r Fu” the superficia mass flow velocity in the
feed side (kg/nt.s), r £ the density of the fluid (kg/nT), and g, the gravity conversion factor

equal to onein S units.



During the initial smulation, we assume that no adsorbent or catalyst is present in the
permesate side. For the permesate side, the following equation is, therefore, utilized:

CP P CP
ALSTIRLU I kU (PF - PPy +(AF) DF’ﬂ i=12..n (14
TR WE W :

F
where k = % , A" being the cross-sectional area on the permeate side (nt), and D" (n¥/s) is

the axial Taylor-Aris dispersion coefficient on the permeste side® given as
o))
DF =DP +(—t 15
LT 192Dp” 15

where D” isthe molecular diffusivity (n/s), u” isthe velocity at the permeate side (m/s) and

d;” ismembrane inside diameter (m). In the simulations, the conditions prevailing in the

permesate side at the start of step (iv) are those prevailing at steady state during step (iii). In
addition, during step (iv) the following conditions prevail in the permeate side,

™ ug (x5 - x7)

@V =0; L =. (16a)
1\% A" DLP
%7 b.
@V :VR; W =0 (16b) where Xj IS

the mole fraction, xjp0 the inlet mole fraction for species j on the permeate side and u; the

superficial flow velocity (m/s) at the inlet. Since no adsorbent or catalyst is present in the
permesate side, we ignore any potential pressure drops.

The reactor conversion (based on methane, which is typicaly the limiting reagent) is
defined by the following equation:

nf. - nCF +nP
Xco: co (Fo co) (17)

r-]CO

where nf, istheinlet molar flow rate of CO, and Néy ,, and N . are the CO molar flow rates

a the exit of the reactor feed and permeate sides correspondingly (mol/s). The yield of product
hydrogen is defined by the following equation:

1, (M, e i )+ (NG o - )
Yo =7 _ (19)
r-]COO




where n,ﬁzya( and N, o €, respectively the hydrogen molar flow rates at the exit of the reactor
feed and permeate sides, and n/;  and n;;  theH, molar flow rates potentially present at the

inlet of the reactor feed and permeate sides (mol/s).

Equations 6-18 can be written in dimensionless form by defining the following variables

and groups:
F F F F P
eV t \ u u
t. =(k 1,t =—__R. :_F’h :_;uF == F :_O,XF:_’XP:_,
2 = k)Tt AFul J t, V, AFT0 AF uf ug
F P PP MW PF PP U
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The dimensionless equations equivaent to Egs. (7 -18) are
™ e W %F X x"qvFo Dad; e YPO 1 1
gﬂ—t:-é)(’: ﬂh +X]-F ﬂh + YF ﬂh _- W g(::-XJPWFI'*'DaY—FR']:'Dd_FGT"'
@ a
2y F NGl E o
+QF ﬂﬂh; +20F YlF ?ﬂr: ?1;] %; j=1,2,...,n1 (19)
' a
x" _ x" qYF Dag @&, , YPO 1 o 1 . -
YT wa s T awgEsrbagFa R, - Lhage G, (0
g ‘ijp__a?(Pﬂij’+XpﬂxP+xJ-F’xpﬂYPQ+Dadjae)(F Yoo o
e"lk Tt é th ' fh  YP fh wE Wy

10



P X7 | or L 2 &Y "o

+2 j=1,2,..,n1 (21
O TRy gﬂhgﬂh p
P P P Y F =
X =_xP‘HY Dao a?( 0 )
Th Y™ qh W W ‘
F

1M =-X(x")’Y " Q xa, (2

Th

dqs _

dts =qg, - ds (24)

Fo o (xEYFxF PlYyP P
Xeg = XCH o (Xco X )S( + (%ol Y W )ex (25)
Xco,
FYF Y
=L (X5,Y X Yo - XF + O 1Y PwxP)g - XF T w -
4 Xcoo

where, in dimensionless form

G'to, = (e - A< ) 27

Y F
co2 Xco2 (28)

qseq 1+bCO XCOYF

and R'j are dimensionless forms of R that are described by Egs. (1-5) above with the
dimensionless form of theratesr’; — r’; shown in Table 3. Equations (20) and (22) that express
the dimensionless velocity distributions are obtained by overal mass balances on the in the feed

and permesate side. In the absence of substantia pressure drop in the permesate side in Eq.

P
(21),YP =1, and 1M = 0. Theinitial conditions at the start of the adsorption/reaction step are

those prevailing during step 3 previoudly described. In addition, the following boundary

conditions also apply:

t>0;, @h=0 27 =1;2"=1 (29)
xF=1; x"=1 (290)
x;

L =- (xjo-x ), i=12.. (29c)
Th QF

™% o1 :

‘ﬂ_hj = -?(xf0 -x7);1=142..,n (29d)
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t >0 @h =1, =0 30a)
T (304)
x"
Txy _ (30b)
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A, Ax
where, s= 32 = | wo—L isthe sweep ratio for the membrane reactor.
a N a Xjo

The system of coupled non-linear partial differential Equations (19-24) and
accompanying boundary conditions has been solved in MATLAB using the method of lines
(MOL)*"*. The system of partial differential equations were converted to aset of ordinary
differential equations by discretizing the spatia derivativein h direction using a five-point
biased upwind finite differences scheme to approximate the convective term. A fourth-order
central differences scheme has been used to approximate the diffusive term. For finite
differences, the reactor volume was divided into n sections with (n+1) nodes. The initid value
ordinary differentia equations and other explicit agebraic equations at atimet were
simultaneously solved using ’ode45.m’, aMATLAB built-in solver for initia value problems for
ordinary differential equations.

5. CONCLUSIONS

The HAMR system we proposed can potentialy take the full advantage of the CO,-based
adsorbent and membrane developed from this project for improving hydrogen production
efficiency with concomitant CO, removal for sequestration purpose. A complete mathematical
model has been developed to describe the HAMR system, which offers process flexibility to
incorporate both catalysts and adsorbents in the reactor as well as permesate sides. In comparison
with the preliminary mathematical model we have developed previoudy, this improved model
incorporate time as an independent variable to realitically smulate the unsteady state nature of
the adsorptive process. In the next quarterly report, we will complete the ssimulation to
demonstrate the potential benefit of the proposed process based upon the performance parameters
obtained from the CO,-affinity adsorbent and membrane developed from this project.
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Acronyoms:

cross sectiona areafor the reactor feed side (nv)
cross sectional area for the reactor permeate side ()

Langmuir mode! adsorption equilibrium constant for CO, (bar™)
gas phase concentration of species| in the feed side (kmol/n)
gas phase concentration of species in the permeate side (kmol/nT)
solid phase concentration of CO, (mol/kg)

equilibrium solid phase concentration of CO, (mol/kg)
Damkohler number (dimensionless)

axial dispersion coefficient in the feed side (nf/s)

axial dispersion coefficient in the permeate side (nf/s)
molecular diffusivity in feed side(n¥/s)

molecular diffusivity in permeate side (n/s)

membrane inside diameter (m)

particle diameter in feed side (m)

friction factor (dimensionless)
molar flux (mol/nt.s)
gravity conversion factor

superficial mass flow velocity in the feed side (kg/nT.s)

dimensionless adsorption rate for species

adsorption rate for species (mol/kg.s)

Hatta number (dimensionless)

AN

L DF mass transfer coefficient (s*)

dissociative adsorption constant of water

dimensionless kinetic parameter (dimensionless)

equilibrium constant of reaction 11 in Table 1. (dimensionless)
Langmuir model total adsorbent capacity constant for CO, (mol/kg)
molecular weight of species
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Reynolds number for feed side
inlet molar flow rate for feed side (mol/s)

inlet molar flow rate for permesate side (mol/s)

molar flow rate for component j in the feed side (mol/s)

molar flow rate for component j in the permeate side (mol/s)
molar flow rates at the exit of the reactor for component i in the feed
side (mol/s)

molar flow rates at the exit of the reactor for component i in the
permeate side (mol/s)

inlet feed side pressure(bar)

Peclet Number

feed side pressure (bar)

partial pressure of component j in the membrane feed sde (bar)
partial pressure of component j in the membrane permesate side (bar)
volumetric flow rate (m’/s)

ideal gas constant (m*®.bar/mol.K)

rate of reaction for i equation (kmol/kg.s)

dimensionless rate of reaction for i" equation

reaction rate expression for speciesj (kmol/kg.s)

dimensionless reaction rate expression for speciesj

sweep raio

time (second)

absolute temperature (K)

reference temperature (K)

superficia flow velocity at the inlet on feed side (m/s)
superficia flow velocity at the inlet on permesate side (m/s)
superficia flow velocity on feed side (m/s)

superficia flow velocity on permeate side (m/s)

membrane permeance for component j (mol/nt.bar.s)

reactor volume (nm?)

total reactor volume (n’)
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Subscripts
0
ads
€q.
ex

j

Superscripts
F
P

Greek Letters

catalyst weight (kg)
methane conversion (dimensi onless)
inlet mole fraction for species j in the feed side

inlet mole fraction for species j in the permeate side
mole fraction for species| in the feed side

mole fraction for species| in the permeate side
mole fraction of component |

hydrogen yield (dimensionless)

entrance condition
adsorbent condition
equilibrium

exit

chemical species

feed side
permeate side

membrane area per feed side reactor volume (mf/m®)
MW,/MW,,

fraction of the reactor volume occupied by catalysts
beo, Py (dimensionless)

t/t, (dimensionless)

18



heat of adsorption (kJmol)
separation factor (dimensionless)
total feed side bed porosity

bed porosity in the feed side

u” /ug (dimensionless)

u” /ug (dimensionless)

V Vg (dimensionless)

e’ A"D[ /ulV, (dimensionless)
ATD} /ufV, (dimensionless)
c! / Mo, (dimensionless)
Céa/Meo, (dimensionless)
Ha/Da (dimensionless)
APuf / AFuf (dimensionless)
viscosity (Pa.s)

10°° £ ((ug )*MW,, V /A" g,d} RT) (dimensionless)
adsorbent density (kg/nt)

catalyst density (kg/nT)

fluid density (kg/nt’)

k.t (dimensionless)
e"V,/A"uf (dimensionless)
(k,) " (dimensionless)

P" /R (dimensionless)
P?/P, (dimensionless)

(Da)(Pe) (dimensionless)
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PY /P (dimensionless)
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Tablel
Rate expressions and thermodynamic properties for the water gas shift reaction

i reactions rate expressions heat of reaction at 298K equilibrium
constant, Keg;
DHR? (k¥mol)
k Pa, Peo, O
R, § e Ken 3 ; 4,400¢
1 CO+H,00 CO,+H, r, =2 =P 4115 K, =expg 4036+

&
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Table 2
Kinetic parameters for the water gas shift reaction®

kinetic pre-exponential activation energies or units
parameters  terms, Kio, Kjo heats of chemisorption,

Ea, DH, kJmol
ko 1.955x10°  67.13 kmol/kg-cat/hr/bar
Keo 8.23x10° -70.65 bar
Ky, 6.12x10° -82.90 bar™
Kio 1.77x10° 88.68 -
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Table3
Dimensionless rate expressions for the water gas shift reaction

i reactions rate expressions
R PFI°Yy é X v,
1 CO+H,00 CO,+H, L=k & )2 oo X0 H, Kooz
k, (DEN)*x,,, & Kez 0

— PHZO
DEN =1+Ky, Ry, + Ko

H»
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Figure 1. Schematic diagram of aHAMR system.
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